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Abstract:
Local and average heat transfer coefficients for bed -to-wall heat transfer from a fluidized bed tubular
heat exchanger with extended surfaces were investigated.

The fluidized bed tubular heat exchanger consisted of a 44-inch long, 5.5-inch inside diameter shell
with 19, 3/4-inch diameter stainless steel tubes arranged in a 1-inch triangular pitch. Air was used as
the fluidizing medium and glass spheres of 0.0185-inch average diameter were used in this study.

Tubes at the four possible tube locations tube were heated electrically. 3/16-inch stainless steel wire

was used as an extended surface. The stainless steel wire was wrapped around the outside of each 19
tubes in a helical sprial. Variables studied include particle concentration, gas mass velocity and twist
ratio.

The Results of This Study Are as Follows 1. Gradual increase in the weighted average heat transfer
coefficients with respect to the number extended surface were observed. Local heat transfer coefficients
decreased with the distance from the entrance of the fluidized bed. Tube locations had only a slight
effect on local heat transfer coefficients.

2. The average sectional coefficients according to the particle mode heat transfer with the extended
surface were higher than the coefficients calculated from the bare tube surface.

3. With local heat transfer coefficients and experimentally determined sectional particle fractions over
the 11 different sections of the fluidized bed, Nusselt numbers were correlated with an equation based
on a particle mode heat transfer mechanism.

4. It is concluded that particle Nusselt numbers are proportional to 0.48 of I-¢.
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ABSTRACT

Local andjaverage heat transfer coefficients for bed-
to-wall heat transfer from a fluidized bed tubular heat ex-
changer with extended surfaces.were investigated.

The fluidized bed tubular heat exchanger consisted of
a 44-inch long, 5.5-inch inside diameter shell with 19, 3/4-
inch diameter stainless steel tubes arranged in a 1-inch
triangular pitch. Air was used as the fluidizing medium and
glass spheres of 0.0185-9nch average diameter were used in
this study. '

Tubes at the four possible tube locations tube were
heated electrically. 3/16-inch stainless steel wire was
used as an extended surface. The stainless steel wire was
wrapped around the outside of each 19 tubes in a helical
sprial. Variables studied include particle concentration,
gas mass velocity and twist ratio.

The Results of This Study Are as Follows

1. Gradual increase in the weighted average heat transfer

coefficients with respect to the number extended sur-
face were observed. Local heat transfer coefficients
decreased with the distance from the entrance of the
fluidized bed. Tube locaticns had only a slight effect
on local heat transfer coefficients.

2. The average sectional coefficients according to the part- .

-iclé mode heat transfer with the extended surface ‘were
higher than the coefficients calculated from the bare .
tube surface. :

3. With local heat transfer coefficients and experimentally

determined sectional particle fractions over the 11
different sections of the fluidized bed, Nusselt numbers
were correlated with an equation based on a particle
mode heat transfer mechanism. '

4. It is concluded that particle Nusselt numbers are

proportional to 0.48 of 1-g. '




Introduction.

The study of design methods-for improved fluidized bed
heat exchangers as industrial heat transfer equipment has
become greatly important, because of its isothermal char-
acteristic a]ong with various app11cat1ons in chemicé] and
physical operations.

Fluidization is the phenomenon in which the gravi%a—
t1ona1 force acting on a dense packet of particles is
counteracted by an upward fluid-stream, which causes these
Qartic1es to be kept more or less in a floating -state. The
uniform temperature distribution of the fluidized bed is due
to the turbulent fluid-solids suspended motion and the
continuous, frequent contacts between the heating surface
end a new swarm of particles by the‘rapidlcircu]ation of the
fTuidﬁzed Stream.

Even if the fundamentals of f1u1d1zat1on wWere not fully
and completely. understood many f1u1d1zed-so]1ds.processes
have achieved’ commercial success. Fluid-bed catalytic
cracking units with the conversion Tevel of 50-60 percent is

an example. The need for heat, mass, and momentum transfer

' corre]atidns in fluidized beds was paramount for fluidized

bed techniques to be a success.
One of the not1ceab]e advantages of fluidized-beds to

one- phase flow is high rates of heat transfer. It is well- =~
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t known that hjgher heat transfer coefficients can be achieved
with extended surfaees, however, this effect js sometimes
dismissed as a means to improve perfermance of aheat
exchanger because of the correspondinQ]y'higher power con-
sumption.

Numerous studies have been made to find out the effect
of various types of extended surfaces on the rate of heat
transfer in turbulent flow for different industrial heat
transfer equipment. These results are in no way general,
bet it is at Teast evident that extended surfaces 1ike
spiral wires or twisted strips have some effects on in-
creasing the rate of heat transfer in industrial heat trans-
fer equipment for single phase systems.

A number of studies on TOeal and average heat transfer
coeff%cfents for heat transfer from.dn internal tube in a
bundle of tubes to a fluidized-bed have been made. The
present investigation is a study of.1oca1 and average heat
transfer rates 1in tHe fJuidfzed bed tubular heat exchanger
with the extended surfaces. Local heet transfer coefficents
' were'meaeured with a moving thermocouple‘probe-inside an
e]ectrica]1y heated tube. 'This-probe made it possible to
measure local heat transfer coefficients at any point along
a tube for various gas rates and part1c]e concentrations.,
-The rate of heat transfer was corre]ated with the area of

' extended surfaces.
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: tTterature Survey and Theory

Fluid Mechanical Approach of Fluidized Beds

By assuming a fully developed circular bubble and solid-
free, spherical in thg three-dimensional case, cy]Tndr?ca1
in the two~d1ﬁénsiona1 case, Davidson (3) adopted a continum
approach, potential flow for both the fluid and particulate
phases to qutu]ate the motion'éf rising bubble. Even if
Davidson model was not sufficiently accurate, it was‘the
first useful approach to the motion of a rising bubble in
the gas~solid fluidized bed.

Murray (17) adopted a continum approach for the two-
phase motion of the fluid and solids in a fluidized bed.
Momentum and mass conservation equations were applied to
obtain solutions for the motion caused by rising bubbles in
the bed. The stability analysis and the equationé had
been derived to provide a means of classifying fluidized
éystems, but he did not evaluate the roots of his secular
equation, so that no qﬁantitative results were obtained.

Anderson and Jackson (1) realized that for practical
purposes it is necessary tolgeek éome method of simplifying
the actual problem so that it can bé described by a small
system of partial differential equations. Anderson and
Jackson have used a formal mafhematica] definition of local

méan'variab]es'to.trans1ate'the point Navier-Stokes equat10h5f




/.
tor the fluid and the Newtonian equations of motion for
the particles somewhat devoid of number of terms'whose
forms are yet undetermined.

According. to the renewa]'moaeT proposed by Mickley
and Fairbanks (18), owing to the bubbles, packets of part-
icles are renewed continuously between the bulk bf the bed
and the vicinity of the wall. The rate of heat transfer
between a non-homogeneous fluidized Bed and a wall depends
on the thermal conductivity of these packets and on their
;énewal frequency.

AIt appears a quantify, the renewal frequency w, to be
determined more specifically according to‘a more complete
fepresentation of hydrodynamic: process. If the swarm of
solid particles is assimilated to a quasi-fluid it is
pogsibfe to write the equation of motion fdr the two-phase
system. A volume which is encountered here is sufficiently
small to be'considered as infinitely small, but also large
enough to contain a sufficiently large number of particles.
Ruckenstein (24) suggested that a synthesis between the

renewal model and the Tinearized instability theory might be

able to give information with respect to the renewal fre~. ..

quency. The éxperimental results of Mickley and Fairbanks

(18) show that ® is in the range 1 - 10 sgc'? and that it

does not depend too much on the fluidization ve]oéity.' For
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glass spheres of 10™% meter diameter Ruckenstein (24)

computed that the renewal frequency is about 4 sec”

predicted a weak dependence of w on velocity.

1

and
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Newly Proposed Bubble-bed Model in Heat Transfer

Several theoretical mechanisms of fluidized bed models

“have been propcsed and some of .those have been briefly

summarized by Genetti (8) for heat transfer in order to pro-

~vide a basis for understanding correlations which have been

presented in his recent work.

Kunif and Levenspiel (11, 12) have proposed a mode]l
for the flow of gas through a fluidized bed, the bubble-bed
model, or a three-region model which have viewed as uni-
fromTy ;ized bubbles surrounded by clouds and followed by
wakes. Alsketch of this model 1s given in Fig. 1. They have
shown that this model is good enough to fit the reported data
for gas-solid heat transfer, .gas-solid mass transfer and
conversfon in catalytic reactions.

Kunii and LeVenspie] have only been concefned With the
dense bubb]ing.region. This region applies where a continuous
exchange -or floowing up of solid particles along the heat
transfer surface is continuing. This concept has been
sometimes explained on the basis of the “packetftheory (9).

.For the bubble phase, Kunii and Levenspiel have started

with several necessary assumptions to simplify the problem

‘from the Davidson model (4). They have takenithe bubb1e size

to be uniform throughout the bed or section of bed and pal]ed.'
it the effective bubble size. The vé]ocity of rise of-a

crowd of bubbles has been related to the ve]bcity'bf_rise of
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a single bubble by

ub = u_ - Uy

0 mf T Upp T Yo T Upe T 01711(94

b (1)

L

— . T 2
where Up e = O.711(ab) .

Ignoring small amounts of solids inside the rising
bubble (measured to be from 0.2% to 1% by different dinvest-
jgators), they have taken tﬁe.bdbb1e void fraction‘ab = 1.
The average bed voidage €¢ has been related to the voidage

in bubbles and emulsion phase by
e = chb + (]-—cS)ee = § + ('l-—G)ee (2)

where § = the volume fraction of bubbles in the bed.
By assuming €0 = Epgo voidages and bed heights have .
been correlated by
]-81,_-

' fo m
1 -6 = = A and —t = T (3)
f T-en¢ Ly T ey

The bubble phase -variables dys uy and & have been correlated
to give u_ and u__., i.e.
0 mf

u - (1-8)u

0 mf

S S

HP
(@)
3
~h

For the. emulsion: phase, Kunii and Levenspiels (11,12)
have assumed the void fraction of the wake to be that of the
emulsion phase and have correlated the relative ve]dcify of

- upward percolating gas, Uy > and of downward flowing solid,
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Ug s to the superficial gas velocity of minimum fluidization,

umf; A
uo
mf .
u, = U, - u_ = I (5a)
e . f S Emf S

‘The downward velocity of solid is given by'

od Uy
U = —
S 1-6-aéd
volume of wake. dragéed up to
where o = —the bed behind a rising bubble

(volume of bubble)

b and u have been correlated to give

I d i.e.
u, and u .,

Var1ap1es dbs u $, Uy s

O A |
Uy = —5— [uo -(1 - & - a@)umf]. (6)
Equation 6 has been approximated to give the expression for
the whole range of flows, and the result is identical to

Equation 4;
" ~ 'uo ;(1-6)umf 0 mf (7)
b S - S )
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Bed-to-Wall Heat Transfer in Gas-Solid Fluidized Beds

Much work has been done on bed—to«wa1](heat transfer
for numerous heating surface arrangements. Empirical
équations have been developed to predict heat tranéfer
coefficients for heat transfer from these surfaces.

Frantz (7) has summarized work done on surface-to-bed
heat transfer in fluidized beds. Genetti (8) has discussed
numerous proposed correlations and several heat transfer
mechanisms for fluidized bed heat transfer.

Usually fluidized systems have low enough absolute
temperatures so that therma1'radiat10n may be safely dis-
counted as a significant contributing factor. However,
in many metallurgical applications of the fluidized bed -
techniques the processing temperatures are sufficiently high
so that thermal radiation may be an important part of the
over-all heat transfer process. Szekeley and Fisher (25)
recently have studied béd-tp-wa11 radiation heat transfer
on the basis of the study of bed-to-wall heat.transfer in
- the convective regime done by Botterill and et al (2).

Whnile none of thé proposed mechanisms has been suf-
ficient to predict heat transfer coeffjciehts for many
different situations encogntered, various mechanisms

explaining the high rates of heat transfer between - -
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exchanger walls and fluidized beds have been suggested, and

can be classified as follows:

(1)

(4)

van Heerden et al (10) and Wicke and Fetting (32):

the fluidizing medium (gas) aéted és a stirring agent
and the solids transported most of the heat, and the
fluidized bed was visualized as well stirred liquid.
Therefore, there is the steady state conduction through
the emulsion phase.

Leva et al (15), Dow and Jakob (5) and Levenspiel and
Walton (16): the spouring action of the solids along
the heat exchanger wall reduces the thickness of the
laminar gas film and jncreases the rate of heat
transfer.

Mickley and Fairbanks (18): "the fluidized bed was
assumed'to be composed‘of "packets" which rénewed inter-
mittently by the Vio]ent disturbance in the core portion
of the fluidized bed, and where unsteady—stafe diffusion
of heat to newly arrived mobile elements occurred.
Ziegler et al (34)-and Botterill and Wi]}iams (2):
unsteady—state.conductjon by sjhg]e particles in direct
contact with heat'exchanger walls. This model has

been further modified by Genetti: (8) to give more

‘complete predictions with respect to experimental data.
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This modiffed model is adopted in the present work.
The results of this model predict two established ' - |
facts.. The Nusselt number 1is independent of thermal
conductivity of the solids (19,34) and is proportional
to about the square root of the particle fraction,

1 - e (20). The results of the model also predict a
maximum Nusée]t number, which also is an established

fact (15)!
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Rather Different Expianation According to the Bubble
ed Model

Yoshida, Kunii, and Levenspiel (33) have tried to unify
the mechanisms proposed by Mickley and Fairbanks (18), and
van heerden et al (10j and Wicke and Fetting (32), and have
applied the bubble. model to postulate bed-to-wall heat
transfer. However, the work is.not complete, and some of
the quantitative parameters are still not well-known.

They have started fhe prediction of thé basis of the
film-penetration theory for gas absorption intc liquids
proposed by Toor and Marchello (26). The equation which
represents this film-penetration hode] for mass and heat

transfer] is

e

~ 2
where o = ke = ke
peCps psts(]'emf)
1. = effective thickness of emulsion layer.

]A:thin layer of emulsion of thickness 1. suddenly con-
tacts the exchanger wall and after a short time it is sudden-
1y moved away to replace a fresh element of emulsion -from the
core portion of the bed. Therefore it will include the steady
state conduction of heat through an emulsion layer at the
wall and the unsteady state absorption of heat by emulsion
elements. ' :
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And boundary conditions are

T = Tb'at t =0
| T Z,Tw at x =0
T = Tb at x = ]e

The solution of the above equation is

= sin nw{1-x/1_)

= +
= 2 41(-1)“»1 T € exp(—nzﬂz—%—gﬁ (9)
€

T -T

Tw-Tb

—

n:

from the abbve solution, the instantaneous local heat trans-

fer coefficient is found to be

- 1/2 4
Kk p C % 2 1.2
- e"e’ps o e
hys [ Tt ']. [] te ﬁé% exp (=)
k., [ . o B
e 2 2 .a ti
= T L] + 2 éz] exp [n T T }J ' (10)

The observed coefficient of heat transfer hW is the time
averaged value of the instantaneous coefficient, and that is

given by

_ (" . | o (17
hy = I,hti [)de (11)

o
where I(t) = the age distribution function of emulsion

elements on the surface.
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Two types of age distribution functions have been considered:

Case 1. random surface renewal, and Case 2. uniform Surface
renewal. A number of expressions for the observed heat
transfer coefficients, hw’ have beén'derived according to
the different criterions.

The bubb]ing bed model gives a simple representation of
bubble flow, the emulsion flow and the interaction of these

streams. However, two empirical expressions which have

been reported by Wen and Leva (31) and Wender and Cooper (30).

are usually recommended for the design of the bed-to-wall
heat transfer.

2. Some Generalijzed Design Equations for Wall-to-Bed Heat

Transfer

Bed-to-exterior wall heat transfer:

Wen and Leva (31) attempted to correlate some earlierp
observations of solids motion in the bed with heat transfer
phenomena through a boundary layer. They considered that
the chief resistance to heat exchange between a containing
wall and a fluidized bed is in the laminar film at the
vessel boundary: The thiéknesg of the film 1is inf1uenced by
the velocity of par£1c1e§ a]ong the wall parimarily due to
the “scourihg action" of.the particles. By the usual method

of plotting and cross plotting, the fo1]owing.re1ation was
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obtained:
. 1.5 0.5 6.k
hd C.p.d '*7g T
_ - SRS . 0.4 0.36
—= = 0.16 ( b ) (—= ) (12)
where n = the fluidization efficieny

R the bed expansion ratio.
Nomographic solutions for evaluation of n and R have been
given in Appendix II. Wender and Cooper (30) made a curve
ci0f the dimensionless group Y/F Qith the paricle Reynolds

number as shown in Figure-2 with five data sets included.

The term Y and F are defined as:

hdD . . C p .
e ) (i) (3)
L c |
F=1+7.5e"0:4% ¢ Dh ) () (14)
t S -

Bed-to-interior wall heat transfer:
fnterna], vertical-tube heat transfer was found to be
1ndependent'of tube Tength, particle shape and particle
i size distribution. Wender and Cooper (30) made a straight
line plot of the dimensional Z/CR gfoup with the particle
Reynolds number as 'shown in Figure 3 with six data sets
'inc1uded for.the internal vertical heat transfer surface.

The term Z is defined as:
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0.43
= (hdp/kg)(kg/Cqﬁg)

(15)

(1-e)(cg/7c ) %0 (o /p,)0- 68

The term CR‘a11ows for non-axial tube location and may be
evaluated from Figure 4 which originally was given by

Vreedenberg (28). The equation of this correlation is:

hdD ’

;0 |
(kE1rei A CqPq (e

d G '
)0-43 - gl33c_ (R y0.23.C (o0 o,
RV ) (—=)(16)
g g

No& and Knudsen {22) have made a study of heat transfer
from a vertical tube Tocated in a bundle of vertical tubes
in a fluidized bed. Their-data was compared to the correlation
of Wender and Cooper (30) using a value of CR = 2. Almost
all their experimental data was within + 50 percent of thé
correlation. This is fair agreement considering the great-
1y different geometries.

Immersed, horizontal-tube heat transfer Has been
studied by Vreedenberg (29) along with the effect of tube
diameter, particle size, shape, and density, and gas velo-

city on the heat transfer'coefficient, including data on

‘large-scale beds. The.récommended correlations are:
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Center
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DIMENSIONLESS  POSITION

Figure 4
Correction factor Cr for nonaxial location of immersed tubes
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. C_ desp U p. 1 -e. |0.44
W ti = 0.66 (_kp__g)O.S [:( t'lug 07y (pS )( - f)] (]7)
g. g T

for Reynolds number less than 2,000,

and

, : 0.3

h d,. o C q d,..p _u: o 2 ’

— - = 420 (R8T )0.3 [( B0 () (H) | (18)
g g U pg dp P9

for Reynolds number greater than‘Z,SOO,
Petrie, Freeby, and Buckham (28) have proposed the cof—
relation best fitting ICPPT data for heat transfer from the
various non-finned multiple horizontal tube bundles in the
f1u1dized-bed heat exchangerf That is
SAVENPINTE <~§i—»2/3 (19)

Nu, = 14(
Gmf p

t

The experimental data shows a maximum deviation of 64 ber-
cent from Vreedenberg's correlation, while Equation.19 fits
the data better. However, the agreement of the proposed
data with Vreedenberg's correlation for heat transfer to

a single tube is good. Their data is shown in Figure 5,

]The Atomic Energy Comm1ss1on s Idaho Chem1ca1 Pro-
cessing plant. . -
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Figure 5. ICPP multiple-tube data compared with Vreedenbergls correlation.
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3. Correlation Model, Used in This Work, For Wall-to-Bed
Heat Transfer )

The model initially suggested by 21eg1er ét al (34)
~and Botterill and Willfams (2) further extended by Genetti
(8) is modif{éd in this present study. Ziegler, Koppel,
and Brazelton (34) sﬁowed that the wall-to-bed heat trans~

fer coefficients varied with solid heaf capacity, C but

g°
was independent of solid thérma] condbctivity, kS p

A particle which has been in thé bulk medium is viewed
to move adjacent to the wall surface where the particle is
suddenly bathed by the ffuid adjacent to the wall at the
wall température. In the mean time the particle receives
heat by convection from the'f1uid adjacent to the wall.
After sometime the particle leaves the wall and returns to
the bulk fluidized medium; The major portion of heat
transfer is assumed to occur by thi; mechanism; With
several assumptions the boundary problem describing the
temperature profile, T(r,0), in a particle while it is ad-

jacent to the wall is solved. The time averaged heat flux

is obtained as:

ﬂdbkg(Tw—Tb)

M6 2
(I =%

g = - (20)
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‘where 6= the average contact time

12k .
M= —9

: bngde

In order to get the expression for the heat transfer flux
based on the wall surface, the number of particles at the
surface per unit area will have to be derived. The number
of particles per unit area, Yp; will be related to the
particle fraction, 1-e, and the particle diameter. The
heat transfer coefficient has been.calcu1ated to be pro-

(1_8)0.48‘

portional to A relation of the following form

is proposed:

Y, = K](1-a)0'48:f(dp). | (21)

‘For a completely covered surface with hexagonal packing,

Y., and 1-g are

p
1, 23 | (22)
P
1 - e = 14/27 . (23)
Therefore '
Ky = 1.59 (24)
and
Fldp) = - 3 (25)
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By substituting Equation 24 and .Equation 25 into

Equation 21, we can get the following expression for Yp:

_ T.59(1-¢)0-48
p. 2
I

Y (26)

By multiplying q_ by y_, we can write an equation for

p p
the heat flux from the wall surface:

- 5.0(1-2)% %8 (1, -T,)
q = v, = 9w “(27)

p'p -
6k 6
dp(1.+ ~;_ﬂ___?)2

pscsdp

The particle Nusselt number is

With the aid of dimensional analysis Genetti (8) has intro-

duced the following equation for B

- P : B G o ' :
3BT T Rey = 97 (BE4/3 - (29)
p -P G
p s .
By substituting 5,,as epresséd in Equation 29, into

Equation 28, the following correlation for average Nusselt

numbers can be obtained:




(30)

T, ss0 ( 15 1.1 Cnfyas3)?
+ : " ) — .
[ Rep o T2 o o172 H 6 j

Most of the data ca]cu]aﬁed by Genetti for f]@idization
. with the coarse glass spheres and the a]uminﬁm particles are
within +20 percent of Equation 30. | |

Kidd (14) has studied heat transfer and pressure drop
for nitrogen flowing in tubes containing twisted tapes and
has introduced twist ratio Y. Twist ratio Y has been defined
as the number of tube diameter per 180° twist.

About the constant of Equation 28 as a result of
several assumptions Genetti (8) has reported 5. For

generalization Equation 28 can be rewritten:

Nu = 31
P bk_© :
(14 —%—p)?
p Codp _
: 6k 6
The dimensionless group —E—%—a—g— in Equation 31 can be

s’sp
related to the following variables:

1. 'mass velocity G
2. particle diameter dp
3. twist ratio Y

4. gas viscosity u




. =27-

With the aid of dimensional analysis the following dimension-

less group can be obtained:

With these groups an equation of the following form for the
. 6k 6 ‘ '

dimensionless group ——-9——45—1s.obtained:
p.C_d
s’s p
6K © D_G |
g R e N Lk (32)
pCedy Y

Substituting Equation 32 into Equation 31, the following

js obtained:
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Experimental Apparatus

The experimental equipment of the present investigation
was designed and assembled in order that.the study of local
and average heat transfer coefficients could be made in a
fluidized bed tubular heat exchanger where an electrically
heated bundle of verticle tubes.were symmetrically placed.
Some of the equipment componenté used in this present study
were used in a previous study undertaken by Genetti (8).

The major jtems of equipment are a model fluidized bed heat
exchanger, an air bloWer, an electrical system and power
source, ahd;measuriné devices. The measuring devices include
manometers, thermocouples and a precision potentéometer. A
general flow diagram of‘the equipment is shown in Figure 6

and a photograph of the equipment is shown in Figure 7 (A).




Temperatu re

probe Heati
) . handle eating
1. Silencer 5.0rifice meter element
2. Compressor 6. Experimental tube
3 Drain 7. Disengaging section
4 Shut off valve 8. Distribution section
T:Temperature probe ©
R: Pressure tap r
Exhaust
Perf © -
Tubes
inside

Figure 6. Flow diagram of the fluidizing apparatus.
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The Experimental Heat Exchanger Column

The experimental heat exchanger column consisted of a
vertical tube bundle containing heating elements and a shell.

The Experimental Shell: The outside of the experimental

shell was constructed in three sections, tﬁe conical air
distributing section, the experimental section, the disen-
gaging sectién.

The conical air distributing section is attached at the
Tower part of the column to expand the air'flow from the
pipe diameter to the column diameter. A iron-coﬁstantan
thermocouple was inserted through the wall of this section
to measure the ajr inlet temperature.

The exper{menta1 section was .constructed from the
6-inch 0D and 44-inch long cast acrylic tube with the 1/4
inch thick wa11.. Eleven jron-constantan thekmocoup]es were
inserted through the wall of this experimental column as
shown in Figure 6. The thermocouples are protecfed by
screen shields in ofdef to giVe contact with the fluidizing
air-oﬁ1y; Eleven pressure taps are also placed in the
wall of this experjhehtai column as shown in Figqre 6. These
pressure taps héve fine screeﬁ.covers soldered on to prevent
the fluidized particles from running into the taps.

The disengaging section was constructéd from the 9-inch
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Figure 7. (A) General equipment
(B) Glass particles
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0D and 12-inch long cast acrylic tube with the 1/4-inch’
thick wall. Four holes, 1 1/2-in¢h in diameter, were drill-
ed in the wall of the disengaging séction 1 1/2-inches from
the top to Tet.the fluidizing ajr escape. These Ho1es were
covered with fine meéh screen to prevent tHe highfy fluid-
ized particles from being blown out of the column. One hole,
inch in diameter, was made in the top plate which is covéring
the disengaging section, and that hole was occasionally used
to put the particles into the bed and to blow out the un-
necessary particles from the bed. An alumel-chromel thermb-
couple was inserted through the wall of the disengaging |
section to .measure tHe air'outlet'temperature.

The Tube Bundle with the Heating Elements: The tube

bundle is 60-inch long and consists of nineteen 321 stain-

" less steel tubes 3/4—inch 0D with 0.012-1inch fhick arranged
in 1-inch triangular pitch. Thg complete tube layout is
shown in Figure 7. The 3/16-inch stainless steel wire has
been wrapped around thé outside of each tube in a helical
spira]; After examining the effect of the first wire as an
extended surface, the second, the third, and the fourth wire-
was wrapped arouﬁd each tube to.see the gradual increase 1in
wall-to-bed heat transfer. The details wf]] be explained in

Experimental Program. One end of each-tube, except the
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heating tubes, was fitted with a plastic plug to faciliate
fitting into the lower tube sheet. -

The heating tubes (4 tubes as shown in Figﬁre 8) "are
fitted with copper electrodes on the top and thé bottom. The
top electrode has a porcelain tube inserted in it to prevent
contact between the electrode and the aluminum tube housing
the leads inside the heating tube. The bottom electrode is
faciliated to fit into the lower tube sheet and has a.1/4~
inch hole to.accept a No. 10 copper wire used as a power
lead.

The bottom tube sheet is made of a perforated steel
sheet with a 200 mesh wire screen welded to it to_prevent
fhe moving particles from running out from the experimantal
section. The heating tubes are insulated. from this sheet
with rﬁbber rings. |

The Air Blower: Air was supplied by a Sutorbilt 57-TP

air blower driven by a 1750 RPM, 7 1/2 HP AC induction motor.
Two and one half inch steel pipe was used to transport the
airlto the experimental heat exchanger. The 2 1/2-inch pipe
was reducéd to two inches before entering the air intake

. section. Tﬁé air flow rate was-controifed by two gate valves.
One, a two-inch-by-pass-valve, controlled the air f]owing"

through a by—paés to the ‘atmosphere. “The other control
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Figure 8. Tube layout: sh‘b:wing locations of heating
element.
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valve was in the 2 1/2-inch air suppﬁy 11ne.- The air f]éw
was metered by a sharp-edged orifice located in the middle
of the air supply Tine.

The Electric System and Power Source: A voltage trans-

former was used to supply energy to the wire wrapped stain-
less steel heating tubes. A diagram of the electrical
circuit is shown in Figure 9. The resistance in the circuit
was adjusted so that the current was about 48 amps. The

emf and current were measured by an AC voltmeter with a
range of zero to 15 volts and an AC ammeter with a range of

zero to 50 amps.




Heating
tubes

Constant
vol tage

tranformer

A Ammeter

V Volmeter
No. 10

Copper wire

No.10 /

Copper wire

Figure 9. Diagram of electrical circuit.

_98_



. =37~

Measuring Devices

Pressure: The U-tube manometers have been used to
measure the pressure drop-across the bed and an inclined
(an angle of 30°) U-tube manometer has been used to measure
the pressure drop across the sharb—edged orifice meter. A
celored'manometer fluid with a density of 1.00 gm/cm3 was
used.

Temperature: The wall temperature of the heating

tubes (4 tubes as shown in Figure 8) were measured using
Chromel-alumel thermocouples. The thermocouple.probe was
designed to move up and down the heating tube. In this
manner wall temperatures at various positions inside the
tube wall were measured. Two insulated thermocouples were
run through the probe caeing which rounded to the shape of
the tube wall, and both were embedded in two copper contact. .
Each cqppe} contact was held against the ins{de tube wall
with a spring. |

The probe assembly is ehown jn Figure 10. As previous-
ly mentioned, eleven iron-coﬁstantan thermocouples were
inserted through the wall of the experimental column to
-measure the bed temperatures “An iron-constantan thermo—
couple was placed 1ns1de the air distributing sect1on and
a chromel-alumel thermocouple was put into the middle of-

. - - . - .
et e g e . AR o e v e R
Wt O R M e [ A et ol RS A .
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the disengagin section. Both were to.measﬁre the gas in-
let and outlet temperature. All reference junctions were
kept in an ice bath at 32°F. " The thermocouple emf was
read using a Leeds and Northrup Co. potentiometer model
0381600. A switching system was used to complete the

thermocouple circuits.
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TOP VIEW
Micarta
— iTi.dia.X"77"in.
Spring
-Em.d ia.X--in-
— in.dia.X -yin-
Copper contact
0.738 in.

FRONT VIEW

Figure 10. Exploded view of the tube wall temperature
probe.
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Experimental Program and Procedure

Experimental Program: The objective of this study is

to determine heat transfer coefficients in a vertically
arranged finned tube bundle for ajr flowing thrbugh a
fluidized bed at various operating conditions. The stainless
steel wires wrapped arounq the outside of each tube in a
helical spiral have been used to increase the rate of heat
transfer.

\ The variables to be considered in bed-to-wall heat
‘transfer in gas-solid fluidized beds are: (1) propert1es of
gas; density, pg; visco§1ty, U spec1f1c heat, Cpg; thermal
éonductivity, kg (2) properties of the solids: diameter, dp;
densiﬁy, pgs Spherity, ¢, specific heat, Cps; (3) conditions
at minimum fluidization: minimum fluidization velocity,

u.f> voidage, €f (4) flow conditions: superficial velo-
city, ugs void fraction, ef and (5) geometric properties:

bed diameter, static bed height, the Tength of heat trans-
fer surface, type of fin, and heating tube location.

Var1ab1es under cons1derat1on in th1s study are static
bed height superficial gas velocity, heating tube Tocation,
'and the extended surface area. |
Heat flux, tube wall temperature:profife; énd'verticaf

buTlk gaS'temperature profile have been measured in order to

~




Al

calculate the rate of heat transfer and to find out the
effect of the increasing surface area.

Air has been used as the fluidizing medium and only

one tube bundle configuration has been considered. The 3/16-

inch stainless steel wire has been used as an extended sur-
face,

Properties of Solids: Only one type and one size of

"solid particle has been used in this study. Ccarse glass
spheres, manufactured by 3M Company, of 0.0185-inch average
diameter were used. The density of glass particles is

156 1b/ft3. A microphotograph of the particles (Figure: 8B)
shows that the glass particles are spherical.

Stétic Bed Heights: Static bed heights of five, seven

and nine inches have been investigated. Data were also

taken without particles in order to compare with data

reported by Donohue (6) and Genetti (8). Static bed heights

were measured with a scale which was on the experimental
heat exchanger column. -

Fluid Mass Velocity: A wide range of gas velocities

was used in this study to determine the most effective
velocity and to find the effectiveness of extended surfaces

as a function of gas flow rates.

Heating Tube Locatijon: Since vertically arranged
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finned tube Tayout is symmetrical as it is shown in Figure 8
only four heating tube locations were needed to investigate
all possible heating tube locations. The rate of heat
transfer has been studied at all ¥our different locations
for various static.bed heights, gas velocities aﬁd the
increasing ammount of extended sﬁrface (wrapped stainless
steel wires)._ The heating tube locations are shown in
Figure 8, and will be referred by number. The ceﬁteb loca-
tion is numbered one; the location half the distance from
the center is numbered two and the two outer locations are
numbered three and four.

The heating tube wall tube temperature was measured at
eleven bosit%ons é]ong the tube. For all runs the locations
were 1 1/2. 3 ]/2; 7 1/2, 11 1/2, 15 1/2, 19 1/2, 23 1/2,
27 1/2, 31 1/2, 35 1/2 and 39 1/2 1nches_froﬁ the bottom
were used to get the necessary data to obtain the temper-
ature profile along the tube. These eleven positions are
correspondihg positions of the thermocouples which were
inserted through the wall of the experimental column to
measure.the temperatures of the bed.

The Type of Fin: The 3/16-inch stainless steel wire

has been used as an extended surface. The stainless steel

wfre has been wrapped around the outside of ~each 19 tubes
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in a helical spiral.

After examining the first wire as an extended surface,
the second, the third, and the fourth wire was wrapped
around each tube to see the gradual wall-to-bed heat
transfér increase with the increasing amount of extended
surface. For the first wire, the rate of heat transfer
were measured for different static bed heights and gas
velocities at all different heating tube locations. The
same procedure was used for the second, the third, and the
fourth wire. The following chart shows the complete
program 67 this study at different heating locations for
quious static bed heights, gas velocities and ‘the increas-

ing amount of extended surface.




No .
=
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W2
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FBH
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Table |1
of No. of SBH SBH SBH
BH Wire 5" 7 9"
W
| w2
w3
w4
w
2 w2 i
w3
w4
W
3 w2
w3
w4
w
4 w2
w3
w4
= one extended surface w3 = three extended surfaces
- two extended surfaces w4 = four extended surfaces
= static bed height
= fluidized bed height
slightly fluidized (above minimum fluidization)

fairly fluidized
well fluidized

highly fluidized
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Experimental Procedure

The following routine procedure is followed before
making each experimental run:

1. The desired amount of glass particles is placed
in the.experimental column. The air blower is turned on,
and the control gate valves 1is adjusted to give the desired
flow rate. The desired fluidized bed height 1is obtained
by adjusting the correct openings for these two control
‘valves. The valves are tightened to maintain the constant
flow rate during the experimental period.

2. The power supply is turned on. The resistance
in the electric circuit is adjusted so thaf the current
will be about-46-50 amperes and the voitage about 7.8~
8.6 volts.: o

3. A thermos flask is filled with crushed ice and
water. The thermocouple reference junctions is placed 1in
the flask to‘give a reference temperature of 32°F.

: 4. The pofeﬁtiometer is balanced against an in-
ternal standard cell. R
| 5: The tube-wa11 probe thermocouples have been set

to their 1nif{a1.posit10ns.

6. When steady state has been observed.fn regard to

tube wall temperature emfs,'the récord%ng of data is begun.
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The following procedure has been used in recording the
necessary data: |

1. The voltage and current from the power supply are
measured with an AC voltmeter and an AC ammeter. The pres-
sure drop across the metering orifice is measured with a
water ménometer.

2. The tube wall probe thermocouple emf is measuréd
with a potentiometer. The probe is then placed in the
second position and the probe is allowed to attain steady
staté. The same procedure is continued until all 117 probe
positions have been measured.

. 3. While the probe is coming to steady state between
probe eﬁf measuréments, the remaining data are measured.
The gas inlet temperature, gas outlet temperature, 11 bulk
gas temperatures, and bed pressure drops are recorded at 11
equal time intervals during the course of the run.

4. The power supply voltage and currént are checkéd
agajn and averaged. - The orifice pressure drdp is also

checked at the end of the run.

Atter all the data dre recorded for one run, the equip--

ment is turned off, or thé'procédure is repeated again for
another fun. In this manner, data are taken for the

different static bed heights, gas flow.rates, and an in-




c AT -
creasing amount of extended surface area at different heat-
ing tube locations. A typical data sheet can be found in

Appendix III.
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Calculations

The basic calculations are gas flow rate, temperature
calculations from thermocouple emf's, local témperature
differences, heat flux, local heat transfer coefficients,
weighted Tocal heat transfer coefficients, average heat
transfer coefficient, and section pressure drops. From the
above calculated data bed section void fractions and bed
section average heat transfer coefficients have been calcul-
éted.

AT11 calculations have been performed with the aid of
SDS SIGMA 5/7 and HEWLETT-PACKARD 2116B digital computers.
éoftwarés used are Basic, Fortran IV and APL. A1l of these

are listed in Appendix IV.

Computations Using Readings:

The key emf values which bracket the temperature range
measured for the Tocal tube wa11 temperature and gas outlet
temperature are 1.52, 1.98, 2.45, 2.89, 3.36, and 3.81. Pass-
ing a fifth-order polynomial through these six points gives
the good fit ovér the temperature range. The calculated
results have been=compafed with calibration tab]gs Tfor
. thérmocoup]e chrome]-a]ume] thermocoupleé {n Appendix v.

The key values which bracket the temperature range measured
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for the Tccal bulk fluidized bed temperature and gas inlet
temperature are 1.65, 1.79, 1.94, 2.08, 2.23, 2.38, and
2.52. The form of the Lagrangian formula given by a sixth-
order polynomijal through these 7 points gives the good fit
over the temperature range. The calculated results have
been compared with caf?brafion tables for iron-constantan
thermocouples in Appendix V. Since the Lagrange's inter-.
pclation formula is applicable for either equal or unequal
ipterVa1s, the interpolated functional value corresponding
to any given E(x) is given by T.

The bulk fluidized bed temperatures are caiculated
for the. 11 tube wall probe positions according to the numer-
{qa1 method described above, and then the local temperature

difference.is calculated from the following eqguation:

AT = TW—T (34)

loc b

The heat flux was calculated by determining the power
dissipated -in the heating element. The product of the
measured current and'vo1tage drbp gives the power dissipated
in the heating element and the connecting leads. The ex-

pression used for'the'heat flux the electrical resistance of

the Tleads under consideration is:

Q = 0.87(I v - 0.03122 1%) ~ . o (35).
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The Tocal heat transfer coefficient_is calculated from
the following equation:
h1oc B Q/AT1oc (36)

The equation used to calculate the average heat trans-

fer coefficient is as follows:

=
i}

av Q/4T,, . (37)

where

. L
1
ATav L J AT]ocdz
0

This 1ntegfa1 has been numerically evaluated using a least-
square polynomial fit of degree n.

The pressure drop across the sharp—edéed orifice is
measured with a manometer inclined at 30°. Thé'pressure
balance of the two columns in the inclined U-tube manometer
gives

.=\9 - . m
APorifice 9 Ah(pL pg) Sin =3 (38)

Qhere Ah = the reading'of manometer in feet.
The actué1_gas flow rate G is ;a1cu1atéd from fhe sharpj
edged -orifice calibratijon. The generalized equafion'to
calculate the mass flow rate through a constant-area dif-

ferential type of fluid meter is




. . i 1/2 -

W KAmYLZHg](P Pyl (39)
w + actual mass flow

Am = the cross sectional area of a flow meter, ft2

Pg1 = 98s density upstream locatijon, Tbm/ft3

and for a compressible fluid the expansion factor, Y, is

used and is given By

Y =1 - (0.41 + 0.358%)— L2 (40)
YP]
where B = the ratio of the diameters
Y = Cp/CV
Kretzschmer (26) has shown that
C - . -
K = — (41)
(]_84)1/2 )
where C = coefficient of discharge, dimensionless.

However, the equation which has been used to calculate the
gas flow rate from the pressure drop across a concentric,

sharp-edged orifice is

3600K YA " - 1}22)

. _ 0
- ) G = Ah Fzgcapprificepg1]

where G = mass flow rate,.1bm/hr fFt2

cross sectional area of orifice opening, ft

= >
1

. : ' 2
cross sectional area of heat exchanger, ft

‘ 2
32.174 1bfft/]bmsec

{a]
(@}
1]
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The -pressure drop across the fluidized bed over 11 dif-
ferent positions are measured with manometers using a mano-
meter fluid having a specific gravity of 1.00. The foilow-

ing equation gives this pressure drop:

= 9 - :
APy 7 Ah (pL pg) o (43)

where Ah = the manometer reading in ft.

Computations From the Calculated Data:

The void fractions, 8; are calculated . -for each of 11
positions, where pressure taps are located, of the heat ex-
changer from the measured values of bed section pressure

drops. The following equatioh'is a good approximation for

batch fluidization:

AP, g
_ b ¢ ,
T1-¢ = _—EE_EE | _ ' (44)

The minimum fluidization mass velocity is calculated

using the following equation (21):
0.9 1.1
)7 7p

0.00125 D 2(ps—pg g (45)
' ' : )

- p
Gmf ) U
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Analysis: of Data

Average Nusselt Numbers Correlation Without Flujdization

Data were taken without fluidization to compare the

resulting average Nusselt numbers with the following cor-

relation:
hay ¢ p 0-6 (_deG 0.6  1/3 : (46)
Ky 0"e 1 r

where De = the equivalent djameter in inches based on

four times the hydraulic radius.

h
The term (——%X————-J (Pr7]/3) was calculated from the
data with Pr'= 7.05 in all cases. This dimensionless pro-

. dye
duct is plotted versus the dimensional term De ﬁ in Fig-

ure T1. The correlation of Genetti (8) is also represented
in Figure 11. The correlation of Genetti (8> is within +25
percent of_Donohue's correlation (6).

Calculated Nusselt numbers using equation 46 are all
higher than-those éa1ch1ated from Genetti (8) and Donohue (6)7
This fé what would be expected since extended surface area
for heat transfer is available. The‘so]ia Tine shows
Genetti's results for a bare Bund]e with 3/4—jnch tubes.

Vertical Fluidized Bed Temperature Profiles

With the aid of 11 thermocouples protruding from the
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Figure 11. Average Nusselt numbers correlation with fluidization.
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outer wall of vertical column, fluidized bed temperatures
were determined. Static bed height of seven inches and nine
inches were examined. Vertical bulk gas temperature profiles
‘for well fluidized beds are shown in Figure 12. For the uses
shown mass velocities are approximate]yAsame. Two different
amount of extended surfaces were compared.

Figure 12 (A) and (B) are static bed heights of seven
inches and nine inches respectively and for the first ex-
?ended surface. Figure 12 (C) and (D) are also for static
bed heights of seven and nine 1inches, but with four times
the extendéd surface area. A1l profiles show a uniformly
distributed temperature profile; however, for greater ex-
ﬁended surface area this effect is more noticeab]e. For
static bed -height of seVen inches the fluidization height
was approximately 31 inches, and for nine inches the fluijd-
ization heights were around 38-42 inches.

Local Heat Transfer Coefficients for Batch Fluidization

Local heat transfer coefficients are plotted versus
the‘prpbe number from .the experiemntal tube entrance of a
constanﬁ.gas mass velocity. The weighted average local
heat transfér coefficienté of four different tube locations
have been calculated for each run. This weighted average

Tocal heat transfer coefficients of one extended surface
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fluidized bed temperature profiles
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are cohpared to the average local heat transfer coefficients
of two, three and four extended surfaces to observe the
effect of the increasing amount of the extended surface.
Wire 1 indicates one extended surface. Wire 2 indicates

one more added, therefore, two extended surfaces and so on.
Approximately the same static bed height, fluidized
bed heights, and gas mass velocities were used to assure
the same conditions for four different extended surface

areas considered.

.Figure 13 shows local heat transfer coefficients for
the slightly (just a 1ittle bit above the minimum fluid-
ization) fluidized bed. The data are for static bed height
of five inches and mass velocities of 526 and 481 ]bm/hr ftz.
For these mass velocities particles wére fluidized to the
heights of approximately eight and nine jnchés. Above
these heights the amount of extended surfaée had no éigni-
ficant effect on local heat transfer coefficients.

Since the fluidized bed heights were around eight and
nine inches, the weighted average coefficients for probe
one, probe .two, probe.thkee, and probe foﬁr have been compared.
Profiles of Wire 1 and Wire 2 éhpw that the coefficients of
Wire 2 are s1%ght1y higher than Wire 1. Profiles of Wire 3
énd Wire 4 also show that thelcoefficientsﬂof Wire 4 are

slightly higher than Wire 3 and both are relatively higher
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than the coefficients of Wire 1 and Wire 2. Coefficients

are lower in these cases than for runs at higher mass

velocities, and a rapid drop in heat transfer coefficients
is observed at the position above'probe 4.

The highly fluidized bed for static bed of five inches
is shown in Figure 14. The data are for mass velocities of

2 respectively. The over-

1442, 1458, 1410, and 1360 Tbmhr ft
all length of the test section was 44 inches, and in this
series of runs particles were fluidized to the heights of
approximately 33 and 38 inches. These are the most highly
fluidized cond1t1on for static bed of f1ve inches 1in this
jnvest1gat1on. Gradual increase in the weighted average
coeffieients with respect to the number of. extended surface
is observed. Coﬁparing the heat transfer coefficients, Tocal
heat transfer-coefficients of Wire 4 are remarkably higher
than the ‘other. For Wire 1, Wire 2, and Wire 3 the coe-
fficients are slightly increasing with the number of wires.
In the lower part of the fluidized bed significant increase
tn Tocal heat transfer coefficients is observed for Wire 1,
Wire 2, and W1re 3. In the higher section of the Figure

the amount of 1ncrease on local heat transFer coefficients

of Wire 4 compare to Wire 3 was 29-38 Btu/hr ft °F Gradua]

decrease in local heat transfer coeff1c1ents with d1stance
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is observed. In the lower part of the fluidized bed the
particle concentration is greater than the higher section .
and it causes the higher heat transfer rate. For static
bed height of five inches local heat transfer coefficient
profiles are of Type I, as described by Toomy and Johnstone
(27). For relatively low static bed height it has been ob-
served that local heat transfer profiles are of Type I.
This agrees with Genetti (8). Genetti has also investigated
that heat transfer coefficient profiles for static bed
Height of four inches were‘of Type I except for the coe-
fficient pfofilg at tube locatijon 2.

The we]]'fjuidized bed for static bed height of seven
inches 1is shown in Figure 15. The data are for mass ve]ocities.
of 1335, 1238, and 1235 1bm/hr ftz. For these mass velo-
c1t1e§ particles were fluidized to the heights of around 30
inches. Gradual inébease in the weighted average coefficients
with respect to the number of increased extended surface is
observed. In the lower part of the f]uidized bed where
particle concentrations are high (1-¢ = 0.1&0.3) the increase
of Tocal heat transfer coefficients with the increasing
amount of e*tended sufface was observable. For dinstance, 1in
probe 3 Tocal heat'transfer coefficients for Wire 1, Wire 2,
Wire '3 and Wire 4 were 36.43, 39.22,-40.43, and 45.23

respecfive]y. The same tendency was observed up till probe 8.
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For Wire 1 and Wire 2 profiles are of Type I. Toomey and
Johnstone (27) concluded that in the study curves of Type 1
prevailed in all runs in which the dimensionless group
dpo/AT was greater than 0.008. However, the profiles of
Wire 3 and Wire 4 are of Type II while the value of the
dimensionless group dpo/AT is 0.0091. The general flow
pattern within the system apparently determines the shape
of the curve. With this in mind the dimensionless, group
dpo/Af is too simple representation to determine the

shape of curve.

For G = 1490, the entire experimental column was

- fluidized for static bed height of seven inches. Figure 16

shows these runs. Particularly, significant increase in
local heat transfer coefficients for Wire 4 in the dense
part of the bea was observed. At probe 4 heat transfer
coefficients. seem somewhat inconsistent since the magnitude
of increase in the coefficients for Wire 2 and Wire 3
is'supposed'to be Targer than Wire 1, aﬁd yet the coeffi=
cents of those are 1owér than Wire 1. Hgaf transfer profiles
fdr these runs are of Type I.

Figure 17, Efgure 18 and Figure 19 are of static.béd
height of nine inches. Observable 1ﬁcreasé in local heat

transfer coefficient with respect to the extended surface
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area was observed. For static bed height of nine inches
the difference of the coefficient between Wire I, Wire 2,
Wire 3 and Wire 4 were remarkably Targe compared to static

bed height of five and seven inches.

Table 11

Difference of Local Heat Transfer
Coefficient Between Different
Extended Surface

Extended Local Heat Transfer Coefficjient ' Btu/hr ft2°F

Surface

Probe 2 Probe 3 Probe 4 Probe 5

Wire 1 37.69 36.34 29.33  18.54
Wire 2 40,16 40.03 36.67 21.14
Wire 3 62.45 67.45 62.34 59.81
Wire 4 66.91 81.13 77.58. - 76.98

Table IT shows the difference of heat transfer coeffi-
cient between different extended sdrface for mass velocities
of 745 and 886 1bm/hr ftz. For this particu1af run particles
are.fluidized to heights of approximately 18 to 21 inches.
Local heat transfer cbefficients were high while in the
dense ﬁart ofathevfiuidized bed 1-& was arqund G.3. The

profiles of Wire 1 and Wire 2-ar¢ of . Type I.
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In Figure 18 particles were fluidized to heights of 24
to 29 inches. If we consider up to probe 8 in these runs,A
the profiles all are of Type II while the value of the |
dimensionless group dpo/AT is well over 0.008 (approxi-
mately 0.108). The profiles of Wire 3 and Wire 4 in Figure
17 are also of Type II. Genettj (8) has indicated that
increases in the magnitude of the group, th/Lbe, appear
to increése the tendency toward Type II profiles. For static
bed height of nine inches and 4n Figuré 19 the group
th/Lbe is about 0.0025. This agrees with Genetti (8) since
the percentage of Type I profiles was 20 percent, when the
value of the goup th/Lbe is 0.0306.
| In.ngure 19 the difference of local heat transfer
coefficients between Wire. 1, Wire 2, Wire 3, and Wire 4 are
evidently comparable at each probé. Gradual decrease in
Tocal heat transfer. coefficients with distance is observed.
Relatively low coefficients for Wire I are.observed.

The highly fluidized bed for static bed height of nine
inches is shown in Figure 20. The entire section of the
experimental column was fluidized. Mass velocities of
1665, 1693, 1637 and 1506 j‘bm/h'r £t% were examined. For
Wire 4 Tocal heat transfer coefficients afe‘]ower than

Wire 3. However, the unifornm temperdture difference from
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probe 1 to probe 6 (local heat transfer coefficients are
around 35 Btu/hr ftsz) were observed. Gradual decrease in
local heat transfer coefficients with distance is also
observed.

. Figure 20 and Figure 21 are typical in the case of the
well-fluidized bed. Vertical fluidized gaé temperatures
are uniform and the. temperature difference betweeh the'.
fluidized bed and the heating wall throughout the bed are
gradually increasing with the small magnitude. With the
increased amount of extended surfaces this effect was part-
'1cu1ar1y noticeable. Therefore, local heat transfer coe-
fficients were increasing gfddﬁa11y with the increased a-

amount of extended surfaces.

The Dependency. on Tube Locations

No significant dependency on tube location has been'
observed. waever, in low static-bed height and in low
mass velocities, wall temperatures vary slightly from tube
to tube., with no consistent trend. At high static bed
heights and at high mass velocities negligible difference
in wall temperétures befween.different tube locations has

been noticed. -
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Average Sectional Coefficients for Batch Fluidization
Genetti's Correlation

Equation 30, tﬁe correlation for average Nusselt
numbers, is shown in Figure 21. The ca]cuTated data for
stétic bed height of nine inches using Equation 30 are
also shown in Figure 21. |

With experimenta]ly‘determined sectfonal particle
fractions aﬁd local heat transfer coefficients over 11 dif-
ferent sections of the fluidized bed average sectional
coefficients .for Wire 1, Wire 2, Wire 3, and Wire 4 are
compared.

None of the data calculated using Equation 30 is
below Genetti's ddta. Noticeable increase in average
sectional coefficients with respect to ‘extended surface
area is noticed. "The least square fits of. the data for
each extended surfaée show that the exponent for 1-g
range ffom 0.46 to 0.52.

One of the variables to be considered in bed-to-wall
heat transfer is geometric properties of extended surface
on average sectional coefficients should be determined.
This variable should also correlate with the expres§1on of

average sectional coefficients.
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The Modified Correlation According to The Sectional

Coefficients

Equation 31 has been used to calculate average contact
A I

times, ©O:

- p
- Nup s's p

6k
.9

With lTocal Nusselt numbers and experimentally determined
sectional particle fractions over the 11 different sections
of the fluidized bed, average particle contéct times, 6,
were computed and the weighted averages of each run have

been ca]culated'wﬁth C] = 10.

Table III

The Weighted Average Contact Times

Amant of R

Extended Surfaces Y 5, sec
w1, Y=.6 0.83333 0.587
w2, Y=12 0.91667 0.483

w3, Y=18 0.94444 0.395
Cwh, Y=24 0.376

0.95833




Y

Calculated weighted average contact times of static bed
heights seven inches and nine inches are shown in Table III.
As expected with the increasing amount of extended surfaces
the average contact times were decreased. If the process

of bed—of~wa]1 heat transfer 1is visualﬁ%ed'as the penetration
of the boundary Tayer by quasi-fluid (particles ~ gas) eddies
from tHé bulk of the stream and the scouring action of the
f1uiaized particles, then obviously the turbulence fintensity
would be expected to exert the most influence on the

average contact time. That would be also true on the rate

" of heat transfer. The amount of extended surfaces, in

other words turbulence promoters, have been increased from
Y-1

the value —— of 0.8333 to 0.91667, 0.94444 and to 0.95833.

Particularly the size of eddies which would be expected
to have some effect on the Nusselt number would exert some

influence in the average contact time. Because the amount

of boundary layer disruptfon and energy dissipation with

the increase amount of extended surfaces (or turbulent

promoters) are proportional to the eddy size.

Calculated contact times averaged 0.555 seconds

for static bed'height of 5 inches. These values are all

in the range repoftéd by Genetti (8) and Ziegler et al (34).

To obtain a .correlation for-the contact times,
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9 . "6k 6 Yo1
~» the dimensionless- quantities —39 and Re

were calculated. These quahtities are plotted on Togarithm

scales jn F1gure 22. The following correlation represents

the data:

g —5 = 6.856 'R_pt‘p-]'](__Y_'L_)"q-g (48)

By substituting 6, as expressed in Equation 48 dinto

Equation 31, -the following correlation for particle

Nusselt numbers can be obtained with C] = 10:
5 ‘ 0.48
NU‘ = ]O (b(]-E) (49)
_ 2
6.856 (L71-)=0-8
1 +
1.1
Rep.
where ¢ = spherity, the ratio of the surface area of

the particle to the surface area of a sphere,
of same average diameter.
Y = number of tube d1ameter per 180° tw1st
_M1croscop1c en]argements of particles [Figure 7 (B)] shows
that the gJass particles used in this study are spherical,
and ¢ = 1 was used. Equation 49 as we]]-as the eXperimenta]

data, are shown in Figure 23. Static bed heights of five,
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seven, and nine inches are represented in the data shown in
Figure 23. The values Y of 6, 12,-18, and 24 have been
represented in the data shown in Figure 23. The modified
correlation accerding to the sectional coefficients has
been studied over 11 different points along the fluidized
-bed with different mass velocities. Most'of the data
(about 95 percent) are within +25 percent of Equation 49
in this study. _

The exponent 0.48 for 1-e cited by Genetti (8) with
%eference to other jnvestigators (18,20) agrees with the
present.inve§tigation. Back-calculated weighted average
contact times correiate with the.present modified dimension-
1ess groups and are in agreemént wiﬁh the previous calcula-

tions.
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'Resu1ts_and Conclusion

Local and average heat trahsfer coefficients for
bed-to-wall heat transfer from a fluidized bed tubular heat
exchanger with extended surfaces were investigated. Air
was used as the fluidizing medium and eoarse glass particles
were fluidized in the experimental heat exchanger column.
Heat transfer coefficients for air flowing through the heat

exchanger without fluidization were also investigated. -

Average Nuvse1t Numbers without Fluidization

The average heat transfer coefficients for air alone
have been compared with those calculated from an accepted
correlation form (6,8): it is concluded that higher
coefficients were obtained in this study since extended

surface area for heat.transfer is available.

Fluidized Bed Thermal Gradients

From measurements of vertica] fluidized bed temperature
profiles, f]uidtzed bed thermal gradients are shown to be
very small. A1l profiles were showing uniformly dis-

tributed temperature profiles.

Local Heat Transfer Coefficients
Gradual increase in the.weighted average heat transfer

coefficients with respect to the number of extended surface
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is observed throughout the runs. ‘Local heat transfer
coefficients are observed to decrease with the.distance from
the entrance of the fluidized bed. Local -heat transfer

coefficients varied slightly with different tube Tocations.

Average Sectional Coefficients

The average sectional coefficients have been compared
with the data calculated from an established correlation (8).
None of the data of this study is below Genetti's data for
bare tubes. As expected, an increase in average sectional
coefficfents.with respect to extended surface area is ob-
tained. It is found that the exponent for 1-€ range from
0.46 to 0.52.

The Modified Correlation According to the Sectional

Coefficients

With local heat transfer coefficients and experimentally
detenmined sectional particle fractions over the 11 dif-
ferent sections of the fluidized bed, Nusselt numbers are

correlated with Equation 49.

| _,0.48 |
Ny = 10 ¢{i-e) . (49)
6856 (Vi1 )08
Ak :
1.1
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ngera] conc]usjons can be drawn %rom this correlation:
1. Particle Nusselt numbers are dependent on twist
ratio, Y. This also implies that particle Nusselt number
is dependent upon extended surface area.
2. Particle Nusselt numbers are propoyvrtional to (1-8)0‘48.
3. Particle Nusse1f~numbers have weak dependency on
gas mass velocities.
Most of the data according to the modified correlation in

this investigation are within +25 percent of Equation 49.

e ——— ™ T
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Nomenclature

Symbol Definition Dimensions

A’ A very small constant for : Dimensionless
Equation 18
A Total surface area of particles ft?
in the bed
Ah Crossectijonal area of. heat ex- ft2
changer ‘
Am Cross~section area of a flow meter ft2
Ao Cross-sectional area of orifice ft2
opening
_ A Surface area of particle/unit ftz /ft
P length of bed
AT : Surface area of entire solid ft2
bed :
coefficient for Equation 32 Dimensionless
Coefficient for Equation 32 Dimensionless
B' A constant which increases with Dimensionless
particle size for Equation 18 _
C. Coefficient of discharge Dimensionless
C0 Constant ' Dimensionless
C] Constant Dimensionless
C2 Constant Dimensionless
Cg Specific heat of gas Btu/]bm°F
C Specific heat of gas at Btu/]bm°F
PY constant pressure .
C Specific heat of solid at Btu/lbm°F
Ps constant pressure
CR Correction for non-axial tube Dimensionless
focation, for case of internal :
~heat transfer surface -
Cq . Specific heat of solid : But/Tbm°F
'D] Quter diameter of axial

cylinder : ~ ft




I(t)

<87~

Daimeter of #luidized bed ft
Effective diameter of bubble : ft
Particle diameter ft .
Tube diameter ’ ft

Quter diameter of horizontal immersed ft
tube

Electromotive force producea by milivolts
the thermocouple

Term defined in Equation 14 Dimensionless

Acceleration due to gravity ft/hrz
1bmft

Gravitational Constant —————
besec2

Gas mass velocity 1b /hr ft?

Mass velocity of fluidization lbm/hr ft2

of a bed

Calculated minimum fluidizing gas - “1b /hr ft2
mass velocity

Heat transfer coefficient Btu/hr ft°F
Average heat transfer coefficient Btu/hr ft°F

Local heat transfer coefficient Btu/ft2°F
Time-averaged heat transfer Btu/ft2°F
coefficient

Local instantaneous heat - Btu/ft2°F
transfer coefficjent

Heat transfer coefficient ' Btu/ft2°
between bed and surface

Manometer readings Tt

_Age distribution function of Dimensionless -
emulsion elements on the ' '
surface : _

Current f]ow1ng through the ’ Amperes

heating e]ement
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N

Kretzchmer coefficient
Thermal conductivity

Effective thermal condict-
ivity of emulsion Tayer

Thermal conductivity of gas
Thermal conductivity of solid
Effective thickness of emulsion
layer _

Bed height

Mean height of fluidized bed

Length of heat transfer surface

Height of bed at minimum fluid-
izing conditions

Bed settled height

Term defined in Equation 20

Particle Nusslet number
hD /k

Average particle Nusslet number,

ava/k

Pressure

Upstream pressure
Downstream pressure
Orifice pressure drop
Prandtl humber C u/k

Heat flux from heat transfer
surface

- Rate of heat loss from

fluidized bed

Bed expansion ratio

Btu/hr ft°F
Btu/ ft°f
Btu/ft hr°F
But/ft hr°F

ft

ft

Tt

ft

Tt

Tt

Dimensionless
Dimensionless

Dimensionless

2

1bo/ft
i >

1bf/ft
2

]bf/ft

< 2

lbf/ft

Dimensionless

Btu/hr ft2

Btu/hr

Dimensionless
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Heat transfer to a particle
neayr the heat transfer surface

Reynolds number
Particle Reynolds number, D e/p

Radial distance from the center
of the bed

Temperature

Inlet and outlet temperature
respectively

Bed temperature

Average temperature of gas at any
level in bed

Temperature of bubble gas, and of
emulsion gas

InTet gas tempefature
Initial gas temperature,.
Solid temperature
Na]]rtemperaturé

Rising velocity of a bubble in a

But/hr ft@

Dimensionless
Dimensionless
ft

TF

°F

°F

C;F

OF.

°F

;F

°F

°F

ft/hr

bubbling bed and velocity of bubble
with respect to emulsion ahead of it

Upward gas velocity within emulsion

phase

umf/gmf ' ,
Superficial gas velocity at
minimum fluidjzation conditions

Superficial gas velocity (based on

empty tube)

Downward velocity of so11ds in
emuision phase

Voltage drop across the heat1ng
element

ft/hr

ft/hr
ft/hr

ft/hr
ft/hr

yo]ts

ol il
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Yolumetric flow rate
Velocity of gas

Actual mass flow rate
Gas flow rate

- Superficial velocity of gas

Film thickness or distance from
the heat exchange surface

Gas flow rate times specific heat
of gas

Expansion factor

Term defined in Equation 13

Twist ratio; the number of tube
diameter per 180° twist

Term defined in équation 15

BTU
°F hr

Dimensionless
Dimensionless
Dimensionless

Dimensionless




Symbol

91

Volumetric Fraction of Solids

'Definition

Volume of emulsion transported
upwards behing a bubble per
volume of a bubble

Ratio of the orifice diameter
to the pipe diameter

Volumetric fraction of so11ds

Number of particles per unit
surface area

Void fraction
Void fraction of emulsion phase

Average Void fraction in the
fluidized bed

Void fraction of static bed

Void fraction of bed at minimum
fluidization conditions.

Fluidization efficiency, or
T2-T '

Tq- T

Contact time

Average contact time

Bed density

‘Aﬁparent density of emu]s1on

Gas density

Gas density of upstream location
Particle density
Viscosity

Gas viscosity

-Dimensions

Dimensionless

Dimensionless

Dimensionless
particles/ft2

Dimensionless

Dimensionless

Dimensionless

Dimensionless

Dimensionless

Dimensionless

hry
hr
1b /ft3

1b /ft
1b /ft
1bm/ft
.3
1bm/ft

C1b/ft hr
b /ft hr

vl i i I Y L m—
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Kinematic viscosity ‘ fiz/hr
Sphericity. Dimensionless
Ratio of the particle surface. Dimensionless

area to the area of a spherical
particle of the same diameter

Volume fraction of bubbles in Dimensionless
fluidized bed

T T T TT 0
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Eva}uatioh'of n and R
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A typical data sheet
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Sampie Raw Data Sheet

Run: 9H3W3

Time Started: 10:25 A.M.
Time Finished: 2.45 P.M.

Number of Exended Surfaces: -3

Static Bed Height: 9 inches

Fluidized Bed Height: 38 inches

Voltmeter Readings: 7.5 volts,

Ammeter Readings: 50 amps

7.7 volts

51 amps

Manometer (1) reading: (22 3/8 ~ 22 1/4 inch)

Tube Wall Probe Thermocouples
- emf by myv )
Location 1 Location 2 Location 3 Location 4

(21 3/8 ~ 21 1/4 inch) (for ajr flow rate)

June 24

Probe 1 2.319 2.549
.Probe 2 2.077 2.332
Probe 3 1.853 2.018
Probe 4 1.740 1.797
Prove 5 1.587 1.637
Probe 6 1.552 1.570 -
Probe 7 1.549 1.559
Probe 8 1.543 1.541
Probe 9 .1.551 1.557
Probe 10 1.571 1.566
Probe 11 1.598 1.574

no

_— e el e e el - NN

.458
.273
.018
.815
. 695
.587
.575
.568
.575
.563
.557

— el d ed ] eed ed eed = N

2.
197
.975
.791
.671
.588
.568
.559
.557
.542
542

380

1969
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Bulk Bed Thermocouples | ‘ H |

emf by my
Section 1 1.815 ~  Section 7 1,825
Secticen 2 1.838 Section 8 1.804
~Section 3 1.837 Section 9 1.809 S If
Section 4 1.834 Section 10 1.807 |
Section 5 1.825 Section 11 1.815 |
Section 6 1.825 | !
, 1
Manometer (2) Reading, Inches o o | | 'f
Manometer 1} Ah 3.25 |
Manometer 2  Ah 3.00
Manometer 3 AR 2.25
Manometer 4 Ah 2.00 ‘ \
Manometer 5 Ah 1.25 1
Manometer 6 Ah 0.75 . ' R
Manometer 7 Ah 0.50
Manometer 8 Ah 0.125
Manometer 9 Ah 0.00 .
Manometer 10 Ah - 0.00 _ : |
Manometer 11  Ah 4.00 - |
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Calibration Tables for Thermocouples
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OF

60

70

80

90
100
110
120
I 30
140
I 50
| 60
170
| 80
1 90
200

2.455
2,685
2,915
3.145
3.378
3.608
3.841

Chromel-Alumel

2

0.662
0.884
.109
| .334
| ,561
| .791
2.020
2.248
2,478
2,708
2.937
3.169
3.402
3.632
3.865

3

0.684
0.906
. 131
| . 357
| . 583
|.814
2.043
2.270
2,500
2,730
2.960
3.192
3.424
3.655
3.883

5

. 729
. 951

. 176
.403
. 630
. 859
.088
. 316
. 546
.776
. 006

239
469
701

.934

Thermocouples

0. 751
0. 974
1.199
I .426
l.,653
| ,882
2..111
2..340
2..569
2.799
3,.029
3.262
3.492
3.725
3.958

7

0. 774
0. 996
0. 221
| .448
1,676
I ,905
2.,134
2..363
2,.593
2.822
3,.052
3.285
3.515
3.748
3.981

1] 26“



OF

60
70
80
90
100
no

O

0,785
1,073
| .361
| .649
1,939
2.230

0,813
1,101
1.389
1.678
1,968
2.259

e

0.842
.30
| .418
| .797
1997
2.289

Iron Constantan

3

0,871
I,159
| ,447
| .736
2,026
2.318

4

0.900
1,188
| .476
| .765
2.055
2.347

Thermocouples

5

0,929
| .217
I .505
1,794
2,084
2.376

6

0.957
1,246
I, 533
1,823
2,113
2.405

NN NN — — — O

7

.986
.274
.562
.852
.143
435

8

1,015
1,303
1 .591
|,881
2.1722
2.464

9

| .044
1,332
1,620
1,910
2,201
2,493

_86_



Appendix V-

Complete Data

(Table 1IV)

o et i £




-99-

RUN NOBW HI FBH IN 9

G= =527 Ibm /hrft?. 18.228

h|yc, Btu/ hr ft2 °F

I
D

Probe no.

0.79
1.12
.29
| .87
2.27
2.69
3.90

6.65

21.49

34.23
75 34.10

P O © o ~N o0 M w N
O O O O O O O © o o o
w P O O 0o 0o o o o o o

N

« =267 Btu/ hrft2, hOv" 9.0 Btu/hr fr °F

RUN MO, 5W H2 FBH IN 16
G-- 1009 IWHrft-, Rep—24 ¢

Probe no. i—e hjoc, Btu/Hrft2oF

3.05
3.29
3.49
3
4

.78

.51
6.20
11.09
00625 22.34
1 38.37
225 39.24
325 45.65

© 00 g4 O o1 A w DN
O O O o o o o

[E=Y
o

0.
0.
0.
0.
0.
0.
0.
0.
0.
0.
0.

= 333 Dtu/ hr ft2,  HIv- 16.4 Btu/Hr ft2°F



RUN NO-5W1H3 reit® IN 5

G—1254 Ibm /hrft , Rep- 43.375
Probe no. I—E h|0(, Bfu/ hr ff2
| 0.0 2.89
2 0.0 3.24
3 0.0 3.46
4 0.0 4.44
3 0.0 6.18
6 0.0625 8.71
7 0.0125 18.11
8 0.05 23.13
9 0.15 28.74
10 0.25 30.35
11 0.225 33.70
Q= 301 btu/hrft2, Hyv= 14.3 Btu/hr ft2°n
RUN NO. SWI1H4 FDH IN 38
G= 1443  lbm/|ir ft2. Rep= 49.912
Probe no. I—E hloc, Btuzhrft2oF
| 0.0 4.33
2 0.0 5.14
3 0.0 6.18
4 0.0 7.42
3 0.0125 10.12
6 0.025 14.87
7 0.0375 18.96
8 0.075 25.21
9 0.15 & &
10 0.2 29.59
11 0.275 8= 8

Q= 316 Btu/ hr ft2 | hay — 16.3 gtu/hr ft2oF



-101 -

RUN NO.5W2 FBH IN 8
G— 527 emInTItE hepa 18,228

lijo , Btu/ hr ft2 °F

|
m

Probe no.

0.69
0.86
1.11
I .58
2.29
2.77
3.86
5.76
2.125

39.28
_39,78__
Q= 280 Btu/ hr ., hov— 9*%5 Bvuzhrff2oF

© O N o ol A 00N
© o o © o o o ©

.0
.075
.375

-
o
O O O O O O o o o o o

5W2H2 FBH IN 14
RUN NO.
G= 1009 Ibm/ hr Rep= 34.9

|
(o]

Probe no. hloc, Btu/ hr ft* OF

.60
.83
12
.48
.86
63
11.28
25.01
38.85
225 41 .23

.325 )
Q = 294 Btu/ hr ft~ | hQuv = 16«1 Btu/hr ft~°F

=
P O © 0O ~N O g & w N —
O O O O 0o O O o o o o
P O O O O o o o o
= N O W W NN



-102-

RUN  2H397p . FBH  IN 25
ij—\¢ ibm/hrft2. Rcp= 43.997

Probe no. |—€ h Btu/ hr °F
I 0.0 3.45
2 0.0 3.77
3 0.0 4.84
4 0.0 6.22
3 0.0 9.53
6 0.025 14.78
7 0.05 20.62
8 0.0875 26.48
9 0.125 38.38

TO 0.2 38.67

11 0.275 45.16

Q— 285 Btu/hrft2, hcv" 18«6 Btu/hr fl2cF

RUN NO. 5W2H4 FBH IN 33
G= 1455 lom/hr ... Rep= 50.43
Probe no. l—e hlgc z Btu/ hr ft2 °F
| 0.0
9 0.0 4.66
3 0.0 5.55
4 0.0 7.33
5 0.125 9.13
6 0.025 12.25
7 0.0375 17.47
8 0.0875 19.51
. 0 125 22.83
10 0175 27.61
y B

Q= 281 Btu/ hr ft ', = 17.iBtu/hr ft2°F



run NO. 5W8HI1 FBH IN 9

G— 481 ,om /hrfl | Bep= 16.637

Probe no. 1—6 hlo , Btu/ hr ff2 °F

' 0.0 | .02

2 0.0 .93

3 0.0 2.08

4 0.0 2.76

5 0.0 3.55

6 0.0 4.25

7 0.0 5.70

8 0.0 9.77

9 0.0125 32 60

io 0.125 1 .71

i | 0.35 32.11

Q= 261 Btu/ hr ft2, hQv==11-6 Btu/hr ft2°F

RUN No 5SW3H2 FBH IN 16

G==1009 Ibm/ hr ft7 Bep— 34.9

Probe no. I—G h|oc, Btu/ hr ft2°F

l 0.0 3.56

2 0.0 3.98

3 0.0 4.20

4 0.0 4.69

5 0.0 5.80

6 0.0 8.54

7 0.0 18.08

8 0.025 26.98

9 0.075 41.21

10 0.325 40.71

11 0.30 35.68

Q = 276 Btu/hr ft2, hav = 17 BtuZhrtt2oF



-104-

SW3H3 FEH M 25
M0 1273 lbm /hrft / Re|p= 43 907
Probe no. |—6 hlo”z Btu/ hr ft2 °F
| 0.0 4.35
2 0.0 4.86
2 0.0 5.70
1\ 0.0 7.42
5 0.00625 10.61
6 0.01875 16.38
7 0.025 20.44
8 0.075 24.93
9 0.125 31.16
n®) 0.175 34.27
11 0.25 34.55
Q= 276 Btu/ hrft2. hav= 17.3 Btu/hr ft2°F
RUN NoO.5W3H4 FBH IN 38
G=1410 Ibom/hr ft2, Rep= 48.77
Probe no. | —G hloc' Btu/hr U20F
| 0.0 9.18
2 0.00625 9.62
5 0.0125 10.18
4 0.025 12.27
5 0.025 15.26
6 0.0125 19.19
7 0.0375 22.48
8 0.0875 24.37
9 0.1 29.16
10 0.175 31 .84
ii 0.25 20.95

Q = 269 Gtu/hrft2 , hav = 19.2Btu/hr ft2oF



-105-

RUN NO-. 5WA4HL FBH IN 9 e
G— 481 Ibm/hrft2, Rep= 16.637

|
ch

Probe no. h|0(, Btu/ hr ft2 °F

1.78
.10
.46
.04
.38
.04
.51
9.42

0625 33.43
41.17

37.49

O o b —
a b W ow NN

[SIENEN|

9
10
m 11

O ©O O O O © © © o o o
h P OO 0O 0O O o o © O

Q= 236 Btu/ Urft2, hav = 12 Btu/hr ft2cT

RUN NO.  5WAH2 FEH IN- 16
G= 1032 bm/hr 2, Rep: 35.661

|
®

Probe no. h , Btu/ hr ft2 °r

loc

.58
.02
.40
.27
.20
8.82
.0625 17.16
.0375 25.63
1 33.47
.2 30.99
.3 24.91

o o o
O o o o o o
o o b b W

o

10
11

Q: 232 Btu/ hr ft2 hav= 14.7Btu/hr ftZoF



-106-

RUN NO.  5WAHS3 _FBH IN 24
G= 1217 IbMz | f|* Rep= 42.06
Probe no. 1—€ hloc, Btu/ hr ft2 OF
I 0.0 4.31
2 0.0 4.86
3 0.0 5.63
4 0.0 7.36
5 0.0 10.19
6 0.0125 15.40
7 0.025 21 .91
8 0.0625 35.65
9 0.1 46.00
io 0.3 48.63
o i 0.25 38.47
Q=T 240 Btu/ hr(t2, Hav= 21,3 Btu/hr ft2°F
RUN NO. ©SW4H4 FBH IN38
G=- 1360 II'm/br f t Rep-"y 041
Probe no. i— e hloc’ Btu/ hr f(2°F
| 0.0 7.16
2 0.0 8.42
3 0.00625 10.37
4 0.0125 12.72
5 0.0125 16.25
6 0.025 20.12
; 0.05 23.79
8 0.0625 30.43
9 0.1 37.04
10 0.15 38.99
11 0.25 39.00

Q= 254 Btu/ hr ft2 » hav= 21 .9Btu/ hr ft2°F



-107-

RUN NO: o oz
IbInZhrft , Rup= 53 55q

Probe no. h,. , Btu/ hr ft2 °F

|
)

.67
.49
.52
2.11
2.79
3.70
6.34
17.67
.89
.35 42.01
.375 47.74

o o M w oo -

O O O O O o o o

O O O O O O O o o o o
a1
w
w

Q= 276 Btu/ hr ft2, hav==13.4 Btuzhrft2oF

RUN NO. 7W1H2 FBH ~ 22
G= 1097 IbmZhrft?z Tfl\j = 6

Probe no. I—G hloc, Btu/ hr ft2 °F

2.94
3.21
3.53
4.91
7.56
14.96
.025 30.94
125 40.16
.25 41.12
.25 40.46
275 46.91

o o Phw N

O O O O O o o o o o o
o

Q = 292 Btu/ hr ft2 , Hqgv= 21 .1 Btu/hr H20F



-108-

RUN NO. TWIHS FBH in 31
G= 1325 Ibm/hrft2, Rep=45.855
Probe no. 1—6 hioc, Btu/ hr ft2 °F
| 0.0 3.84
2 0.0 4.77
5 0.0 6.12
v 0.0 7.57
0.025 13.34
0.05 21 .72
0.125 33.27
0.175 32.29
9 0.2 36.43
10 0.2 37.10
11 0.275 44.49
Q= 310 Blu/ hrft2, hav= 21.6 Btu/hr ft'-°F
T FBH IN 40
G-— 1490 tW hr ftZ, Rep= si. 538
Probe no. I—6 hloc, Btu/hr ft2°F
| 0.0 6.54
2 0.00635 8.25
3 0.00635 9.85
4 0.0125 11.30
5 0.0375 14.55
5 0.05 21 .63
7 0.05 32.54
g 0.125 37.72
9 0.125 43.52
10 0.175 43.91
11 0.225 58.40

Q = #@) Btu/hrft2, hQv=25.6 BtuZhrft2oF



-109-

RUM NO, 7W2HL BH  in 12
G= 6 lbm A *ft , Sfp= 23.521

|
h

Probe no. h lof, Biu/ hr ft2 °F

.43
.63
.99
.52
47

6.04

10.42

28.94
875 58.58
60.50
70.98

O O O O O O o o o o o
Ww O O O O O o o o o
A W N DD

H
fO'—‘1a©0°\lO701-'>wr\>_

w

N

ol

= 352 Btu/ hrft2, liav- 21.1 BiVhr ft2°F

RUN NO. TW2H2 FBH IN 19

Probe no. i—e Hloc / Btu/ hr ft- °F

2.90
3.25
3.60
4.35
5
8

o O o o o

0

0

0

0

0 .63
0.0 .49
0.

0.

0.

0.

0.

o w b w N

0625 20.81
075 30.99
25 33.62
25 34.03
325 36.07

9
10
11

Q — 294 Btu/hr ft2 , hQu=19g 2 Btu/hr ftZoF



RUN No, 7V2H3 FDH  IN 27
G= 1325  Ibp/h*fi , Rep- 45.865

Probe no. 1— 6 hioc, Btu/ hr ft2 °F
I 0.0 3.59
2 0.0 4.17
3 0.0 5.36
4 0.0 7.65
5 0.0 13.20
6 0.025 21.28
7 0.075 30.29
8 0.125 34.19
9 0.175 39.22
10 0.225 36.57
i 0.275 42.28
Q= 285 Btu/ hr ftz, liov= 2l. 4 Btu/hr ft2cF
N "% = 1%:4 ImehFrIBI‘Tz, R:aNp:SJ81538
Probe no. I — 6 NMoc7 Ar f
I 0.0 4.58
2 0.0 5.54
3 0.00625 8.56
4 0.025 12.01
5 0.0375 16.56
6 0.05 26.12
7 0.0625 32.52
8 0.175 33.06
9 0.2 35.64
10 0.245 36.15
0.275 39.53

281 Btu/ hr ft2, Hav #2 2.7 Btu/hrftr°F

D
1]



-111-

RUN NOG_7V\BH1 FBH in |5
= 680 ‘KMz hrft *© R-p—23.521

Probu no. i—e hloc, Btu/ hr ft2 OF

2.75
3.15
3.52
4.17
4.98
7.23
13.83
.0 44.11
.0625 47.65
175 45.55
37.11

o N O o A orN

9
10
m 11

O O O O O O o o o o

o
w

Q =255 Btu/ hr ft7, Hav= 18,9 BtuzZhrfl2oF

RUN NO. TW3H2 FBH IN 22
G-= 1009 IbmZhr ft2, Rep= 24 g

Probe no. i—e h|of , Btu/ hr ft2 °F

0 3.85
0 4.34
0 5.11
0 6.65
0 10.76
0 20.72
025 36.53
1 45.33
225 43.75
225 43.66
35 34.09

o N o o B N

9
10

0.
0.
0.
0.
0.
0.
0.
0.
0.
0.
11 0.

Q— 259 Bvu/hr ft2, hav— 23.2 Gtu/hr ftZ F



RUN NO 7V H3 FBH |f\j 31
G= 1238 bm/hrfl2, Rep= 42.821

Probe no. | — € h|oc, Btu/hr ft2 °F
| 0.0 4.88
2 0.0 5.88
3 0.0 7.83
4 0.00625 11.05
5 0.025 15.65
6 0.0375 23.76
7 0.075 35.12
8 0.15 37.61
9 0.2 40.43

10 0.25 36.77

11 0.35 36.99

O = 268 Btu/ hr ft2, hcv— 233 gtuihr fi2eF
RON N%:- 1\4/1\/9334 ImehFrBll‘_'tz, R!:TJI: 4151 _533

Probe no. 1— 6 hoc Btu/itr ft2 °F
1 0.0 10.38
5 0.125 12.62
5 0.025 14.35
4 0.05 17.38
5 0.05 20.61
6 0.075 26.15
. 0.1 32.05
8 0.1 34.01
9 0.15 37.62

10 0.15 ' 36.37

11 0.225 40.16

Q=271 Btu/ hr ft2, bav= 25.5Btu/hr ftZ°F



-113-
RUN No. [WA4H1 FBH in 15

G-
=745 oMzt fieP As. 769

Probe no. hlo(, Btu/hr ft" °F

@D

2.96
3.31
3.85
4.54
5
8

.94

.96

20.31

25 54.88
62.02.

52.86

58.34

© 0 N O o1 A oN

[ER
o
O O O O O O o o o o o

A W N OO O O O O o o

[E=Y
[

Q= 234 Bfo/ hrft' , Hiv— 24.5 Biu/ hr r1? °F

RUN No. TWAH2 FBH 8N 22
Gcr= 1054 Ibm/hr ft2, Rep= 36.422

@D

Probe no. hloc' Bfuzhrft20F

3.95
4.66
5.53
6.88
.0 10.70
.0125 21 .41
.0375 37.30
.15 50.53
.25 55.22
.3 46.47
.3 38.57

P O © 0O~y O o1 M w N
o o o o

O O O O O O o o o o o

T

Q= 230, Btu/ hr ft ™, Hqv = .R'u/hr ft>°F
25.16



RUN NO- (WAH3

G=
Probe no.
I
2
3
L-
5
6
7
8
9
10
11
Q= 249

i"3b Ibmz/hr ft *  Re

RUN NO, /WAH4

Probe no.

o o b w N -

oo

10
11

q—

246

P 42.717
I1—6 h|loc, Rfu/hrft2oF
0.0 5.03
0.0 6.37
0.0 8.33
0.00625 13.52
0.0125 17.10
0.05 26.33
0.1 39.20
0.125 40.37
0.2 45.23
0.2 38.92
0.3 36.75
Btu/ hr ft2, hav - 25.4 Btu/hr ft2°F
FBH IN 44
'490 IbmZhrfRS Rep=Si . 538
| —G hloc’ Bfu/ hr f °F
0.0 12.80
0.0 14.90
0.0 15.96
0.00625 18.96
0.0125 21 .57
0.05 =3
0.1 32.89
0.125 36.31
0.2 47.12
0.2 60.56
0.3 61.19
Btu/ hr ftn hQv—30.9Btu/lir

FKH IN 31

F



RUN NO. 9WI1H1 FDH IN 21

6= 745 IbmA rft2z Rep= 25.769
Probe no. - € hi o, Btu/hr ft2 °F
| 0.0 2.41
2 0.0 2.70
3 0.0 3.02
4 0.0 3.61
5 0.0 4.61
6 0.0 6.99
7 0.00625 18.54
8 0.15 29.33
9 0.3 36.34
10 0.3 37.69
e 11 0.375 47 20
Q= 271 Efu/ Urfil, hav— 16.7 Btu/hr fr°F
RUN NO. 9WIH2 FEH IN 29
G=- 745 Ibm/ hr ft2, Rep= 34.9
Probe no. | —6 hi..  Btu/ hr ft2 °F
| 0.0 3.48
2 0.0 4.35
3 0.0 5.52
4 0.0 8.53
5 0.025 14.406
6 0.05 24 094
7 0.125 36.119
8 0.175 31 99
9 0.2 37.21
10 0.3 36.91
i 0.325 47.58

Q= 292 Btu/ hr ft hav - 22.5 Btu/hr ft2°F



RUN NCk _9WI1H3 PB™" »M 42

G— 745 Ibm/hrft , Rep- 50.431
Probe no. 1—6 h|oe, Btu/ hr ft2 °F

I 0.0 8.98

2 0.025 9.87

3 0.025 11.53

4 0.05 12.79

3 0.05 15.23

6 0.1 17.54

7 0.1 18.89

8 0.15 21 .92

9 0.2 23.95
io 0.25 26.96
ii 0.35 34.43
Q=279 Blu/ hr ft2, hav=18.1 Btu/hr ft2cF
RUN NO. 9W1H4 FBH IN 48

G— 887 IbrnZhrtfS Rep= 57.625
Probe no. I—6 hloc’ Btu/ hr ft2 °F

I 0.0 11.09

2 0.025 13.34

3 0.025 13.29

4 0.0375 14.58

3 0.05 16.28

6 0.1 19-85

7 0.125 21 .49

8 0.15 21 .80

9 0.175 28.23

10 0.175 35.57

i 0.25 47.16

Q = 297 Btu/ hr ft | h(Qv= 21 .5Btu/hr ft2°F



RUN NO.. ~ JW2HI FBH [N 17

G= 1009 Arft7z Rep= 25.769
Probe no. |—6 hloc, Btu/hr ft2 °F
| 0.0 3.50
2 0.0 4.37
5 0.0 4.82
4 0.0 5.88
5 0.0 7.23
6 0.0 12.39
7 0.0 21.14
8 0.0625 36.67
9 0.225 40.03
10 0.325 40.16
ii 0.375 43.91
289 Btu/ hrft2. hov=19.5 Btu/hr ft20F
RUN NO. 9W2H2 FBfi IN 24
G— 1054 IbmzZhrft2, Rep- 36.42
Probe no. | —€ , Btu/ hr ft2°F
I 0.0 4.95
2 0.0 6.03
5 0.0 6.90
4 0.0 10.57
5 0.0 14.74
6 0.0125 24.68
7 0.1 42.73
8 0.2 45.37
9 0.325 39.53
10 0.325 40.66
11 0.45 34.33

Q= 294 Btu/ hr ft2, hQv= 24.7Btu/ hr ft2°F



-US-

RUN NO- 9W2H3 pbh ifsy 38
1009 Ibm / hrft2, Rep= 50.43
Probe no. | — € hlo(Z Btu/hr ft2 °F
I 0.0 6.11
2 0.0 8.71
5 0.0125 12.35
4 0.0375 17.43
5 0.0625 21 .59
6 0.1 31 .95
7 0.15 32.49
8 0.15 31 .47
9 0.225 32.03
10 0.225 33.18
ii 0.35 36.67
Q= 291 Btu/ lirft2, Huv — 24.2 Btu/hr ft7cF
RUN NO. 9W2H4 FDH, IN 47
G— 1054 Ibm /hr fU, Rep= 57.62
Probe no. i—e h ~ , Btu/ hr ftZ°F
| 0.0 15.75
5 0.0375 18.34
3 0.05 20.43
4 0.075 21 .06
g 0.07 5 23.54
6 0.075 27.96
7 0.075 28.07
8 .0 29.87
9 0.125 34.94
Lo 0.175 38.67
0.25 48.32

11

Q =355 Btu/ hr ftz , hov" 27.6BtuA r ft20F



RUN NO WAHL FBH m21

1666 |pHA rft , Rep= 30.68

Probe no. i—e h B tu/ hrft-°F

| 0.0 3.77

2 0.0 4.50

3 0.0 5.36

4 0.0 7.07

3 0.0 13.06

6 0.0125 28.97

7 0.05 76.98

8 0.225 77.58

9 0.25 81.13

10 0.25 66.91

11 0.35 66.19

Q — 244 Btu/ hr A > btiv— 39.2 Btu/hr °F

RUN Mo, 9WAH2 FBH IN 27

c— 1694 IbmZhr ft2, Rep= 36.422

Probe no. l—e hloc’ Btu/ hr ft2 °F

1 0.0 4.78

2 0.0 5.31

3 0.0 7.90

4 0.00625 12.73

5 0.0125 21 .66

6 0.05 36.15

. 0.125 46.49

3 0.225 43.45

9 0.25 45.07

10 0.35 38.82

11 0.35 34.95

Q = 246 Btu/ hr ft~ | hav= 27.5 Btu/hr ft?°F



OWA4AH3

FBH IN 38
N %1638 e, 43375
Probe no. i—e llloc' BfU//%r f2 OF
I 0.0
2 0.00625
3 0.0125
.« 4 0.025
5 0.05
6 0.075
7 0.075
8 0.175
9 0.25
10 0.25
Y11 0.3
Q— 246 Btu/ hr ft“, hav — 31.6 Diuzhr ft7°t.
RUN NO(';: | 506 IbmZlir ft2, R:e%- 4752.056
Probe no. I —6 Hloc’ Btu/hr ftZ°F
| 0.0 15.19
’ 0.0375 17.97
3 0.05 20.42
4 0.0625 24.61
5 0.1 27.23
6 0.1 34.97
7 0.1 36.15
8 0.175 35.65
9 0.2 36.17
10 0.3 36.62
11 0.25 35.75

q_ 249  Btu/hrft2, A~qv— 30.4 Ctu/hr ft2 F
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