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Abstract:

Catalytic hydrogenation of Pittsburg and Midway Coal Mining Company's Solvent Refined Coal was
accomplished using commercial hydrotreating catalysts and hydrotreating catalysts fabricated at
Montana State University. Forty-four batch autoclave tests and thirty-nine trickle bed reactor tests were
performed.

Liquid products from the catalyst tests were analyzed for sulfur content, nitrogen content, and distillate
yields.

Harshaw HT-400 E 1/16" (Co-Mo) catalyst gave the best nitrogen removal at 450°C of all commercial
catalysts tested in the trickle bed reactor. Cyanamid HDS-20A 1/16" Trilobe (Co-Mo) gave the best
sulfur removal at 450°C of all catalysts tested in the trickle bed reactor. MSU STK-5-2-2-1.5E
(Ni-Co-Mo) gave the best nitrogen removal at 450°C of all catalysts tested. MSU STK-5-2-6-1.5E
(Ni-Co-Mo) gave the best sulfur removal at 450°C of all catalysts tested.

A metal loading study was performed to determine the effects of nickel oxide, cobalt oxide, and
molybdenum trioxide concentrations on heteroatom removal. Increased molybdenum trioxide
concentration significantly improved nitrogen removal. Increased nickel oxide and cobalt oxide
concentrations also improved nitrogen removal.
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ABSTRACT

Catalytic hydrogenation of Pittsburg and Midway Coal Mining Com-
pany's Solvent Refined Coal was accomplished using commercial hydro-
treating catalysts and hydrotreating catalysts fabricated at Montana
- State University. Forty-four batch autoclave tests and thirty-nine
trickle bed reactor tests were performed.

Liquid products from the catalyst tests were analyzed for sulfur
content, nitrogen content, and distillate yields.

Harshaw HT-400 E 1/16" (Co-Mo) catalyst gave the best nitrogen
removal at 450°C of all commercial catalysts tested in the trickle bed
reactor. Cyanamid HDS-20A 1/16" Trilobe (Co-Mo) gave the best sulfur
removal at 450°C of all catalysts tested in the trickle bed reactor.
MSU STK-5-2-2-1.5E (Ni-Co-Mo) gave the best nitrogen removal at 450°C
of all catalysts tested. MSU STK-5-2-6-1.5E (Ni-Co-~Mo) gave the best
sulfur removal at 450°C of all catalysts tested.

A metal loading study was performed to determine the effects of
nickel oxide, cobalt oxide, and molybdenum trioxide concentrations on
heterocatom removal. Increased molybdenum trioxide concentration sig-
nificantly improved nitrogen removal. Increased nickel oxide and
cobalt oxide concentrations also improved nitrogen removal.




INTRODUCTION AND BACKGROUND

The growing shortage and increased costs of crude oil and natural
gas coupled with increased demand for energy in our country has
launched an intense effort to find alternative energy sqgrdes. Of the
many proposed solutions to our energy crisis, coal seems to have the
most promising immediate value. Of the 780 billion tons of coal
recoverable from reserves determined by mapping and exploratioh, 226
billion tons are in relatively thick beds and undef less than 1000
feet of overburden (1). These deposits are mineable at or near present
costs. The American Gas Association reports that there is sufficient
coal with available water to support 175 synthetic gas plants of 250
million ft3/day capacity (1,2). A million tons of coal per day could
yvield 10% of the current daily U.S. needs at.SO% conversion to syn-
thetic crude (1).

There are three major driving forces for the production of syn-
thetic fuels. First, because of the diminishing supply of natural
gas, the difficulty in shipping natural gas from abroad, and thé large
éosts invested in existing pipeline systems mean gasified coal could
supply much needea pipeline quality é&s. Secondly, coal éan be used
.for steam and eléctricity generation. Thirdly, because of limited
supplies of crude oil and the glaring fact that the U.S. is over-
whelmingly dependent on gasoline- and‘diesel—powered vehicles meaﬁs

liquified coal products could help as transportation fuels (3).
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Céal liquefaction processe; do have their drawbacks, howé?er,'iﬁ-
cluding tremendous capital investment requirements, water availébility,
and social and environmental problems (4). Coal liquefaction prqél
cesses for the production of synthetic crudes are Varieq dependiﬁg
upon the quality or rank of the coal to be processed. U.S. coals
range in increasing carbon content from lignite, through sub-
bituminous and bituminous, to anthracite, each of which has unique
chemical and physical properties. Coal liquefaction processes include
pyrolysis, indirect hydrogenation, direct hydrogenation, and solvent
extraction. Pyrolysis (destructive distillation) consists of heating
a pulverized coal at successively higher temperatures for the produc-
tion of coke, coal gas, liquids, tars, and ammonia. In principle,
pyrolysis is one of the simplest methods. AExamples of recent pyroly-
sis processes are the FMC COED Process (5,6}, 0il Shale Corporation's
TOSCOAL Process (7), and Garret Research's Pyrolysis Process (8).
Indirect hydrogenation of coal is exemplified by the Fischer-Tropsch
synthesis. In 1933, Fraﬁz Fischer and Hans Tropsch showed that in the
éresence of certain catalysts, carbon monoxide is hydroéenated to
aliphatic hydrocarbons. Current indirect hydrogenation processes are
operated by the South African Coal, Oil and Gas Corporation (SASOL)&9),
and Fluor Corporation (10). The direct hydrogenation process was
deve;éped'in 1913 by Friedrich Berguis. Direct hydrogenation involves

the reaction of coal slurried in a recycle oil with hydrogen gas and ‘a
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catalyst either in a fixed bed or ebullating bed configuration.
Current processes being operated are Exxon's donor solvent process
(11,12), Hydrocarbon Research, Inc.'s H-Coal process (13,14,15) and‘
the Bureau of Mines Synthoil Process (16). Solvent extraction pro-
cesses are really a modified direct hydrogenation for the production
of synthetic fuels. A high boiling donor or non-donor sblvent and
hydrogen are used to dis;olve coal at high temperature and pressure.
This solution can then be filtereg thus rehoving large émounts of
sulfuf and ash. Current solven£ extraction.processesriﬁ operation are
Pittsburg and-Miany Coal Mining Company's Solvent Refined Coal (SRC)
process (11,17,18,19) and Consolidation Coal Company's CSF process
(11, 20,21, 22}).
Of major concern to this thesis work is the Solvent Refined Coal

(SRC) process operated by Pittsburg and Midway Coal Mining Company.
'A fifty ton/day pilot plant was operated at Fort Lewis, Washingtén, in
the SRC I mode shown in\Figure I. The coal (Kentucky #%) is mixed .
with a solvent in a siurry,tank. This slurry is mixedJWith hydrogen,
.preheated and fedyto a high pfessure dissolver. Dissolvér effluent
passes to a gas-liquid separator. The off-gas from the separator is.‘
hydrotreated and recovered hydrogen is recycled. The 1iquid from the -
separator is filtered ;emoving much of thé sulfur'and ash. The fil-
trate is fed to the solvent récovery steps producing a solid "sglvent .

refined coal.™ In principle, filter cake is fed to a gasifier for
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FIGURE 1. SRC I Process Schematic
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prdduction of in-plant fuel gas and hydrogen'(23,245. More recenp1y,
the Pittsburg and Midway pilot plant has been modified to produce a |
liquid product in the SRC II mode. Major changes include using tﬁe
dissolver product as the slurry solvent which is ﬁixed with fged_coal
and the concentrating of mineral ash in the dissolver stream thch is
believed faVOrable‘to the liquefaction (24).

‘The SRC process should not be defined as a siggle product process
aimed only at producing a clean solid boiler fuel. Table I shows
typical product streams on a weight baéis. _Table IT shows that gas

and liquid yields are far from insignificant (25).:

Table I. Typical SRC Process Yields

Coal Properties, wt%

Organic sulfur ‘ 1.7%
Pyritic sulfur 1.2%
Ash 11.1%

Product wt% MAF coal feed

Solvent Refined Coal ) B63*
Undissolved coal

Cl - C4 gas

o
- F
C5 350

HZS

0~ Cco
C C 5

Water

3
7
6
6
350~-750°F Distillate ' 10
2
2
6
<

*Solvent Refined Coal Properties: Sulfur content

.9 wt%; Ash
content < .1%. .
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Table II. SRC Process Gas and Liquid Yields*

z -
Cl C4 gas, scf 3130
CH4 gas 2100
C. - 350°F gal | ' 32
bbl ' © . 0.762
350-750°F distillate, gal 38
bbl . 0.904
Total liquid, gal 70
bbl ’ , . 1.666
*Pexr ton solvent refined coal o
tApproximate analysis of C1 - C4 gas cut:
vol % : BTU value/ft3
CH4 . ) 67.0 680
C2H6 ’ 19.3 340
C3H8 10.0 260
C H 3.7 120
4710 100.0 | 1400

The major objective of this thesis research was to catalyticaliy

hydrotreat and hydrocrack products from the SRC I process.

Chemistry of Catalytic Hydrotreating

Catalytic hydrotreating of synthetic crudes consistg of two main
parts: the hydrogenation of unsaturated hydrocarbons, and the hydro-
genolysis of heteromolecules. Depending upon the final use of the

syncrude products, various degrees of hydrotreating are acceptable.
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If ligquid SRC products are used as boiler fuels the requirements would
be a hydrogen to carbon mole ratio about 1.6; and nitrogen, sulfuf,
and mineral levels below .5 wt %, The sulfur level is determined from
the current EPA standards. Products from SRC can easily meet the
sulfur and mineral standard, therefore the major steps in producing a
liqﬁid boiler fuel are to reduce nitrogen levels below 0.5 wt % and
to increase the hydrogen content of the fuel. Some emphasis must be
placed on hydrosulfurization because of possible future changes in EPA
standards (26). However, if liquid SRC products are to be used as a
catalytic cracker feedstock, the nitrogen requirements are more strin-
gent. Catalysts used in catalytic cracking operations provide acid
sites which facilitate cracking of hydrocarbon feeds. These acid
sites are neutralized by nitrogen which acts as a poisop. Deacti-
vation of the catalysts progresses in direct proportion to the duratién
of operation and in proportion to the amount of ni£rogen in the cat
crécker feed. In ca£ cracking operations it is common préctice to
méintain‘activity of the catalyst at desired yield levels by a pro-
gressive increase in the severity of the reaction conditjions to the
extent that this is economically feasible, after which time the cata-
lyst is replaced by fresh or regenerated .catalyst. The preferred
nitrogen level fox cataiytic cracker feed is in the range of 100-400
ppm (27). Various hydrocracking processes can tolerate more nitrogen

in the feedstock. Examples of these processes are Standard 0il of
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Indiana's Ultracracking process and Union 0Oil's Unicracking précess
which can tolerate nitrogen concentrations up to .3 wt % (28,295.

Petroleum hydrotreating processes use efficient technologies and
are governed by fairly well established kinetics. The most important
facto: for further.progress in this field is the eatalyst. The choice .
of hydrotreating catalyst‘components depends upon'the type of reaction
they are meant to activate, i.e., pure hydrogenation, heteromolecule
"hYdrogenolysis, or isomerization. It must be kept in mind that these
reactions must be carried out in the presence of large aﬁouﬁﬁs of.
sulfur containing hydrogen (30).

Specific reactions to be carried out by a hydrotreatigg catalyst
are: (a) Polyaromatic hydrogenation in which polyaromatics are hydro-
genated to monoaromatics or saturates which are easier to crack and
give less tendency toward coke formation; (b) QenitrOgenation'in which
nitrogen compounds are removed thus preventing inhibition of the.acid
function of cracking catalysts resultipg in higher conversion and iess
severe operating conditions in cracker units; (c) desulfurization pro-
viding lower sulfur content in cat cracker gasoline which allows for ;
better lead susceptibility; and (d) heavy metals removél——catalysts
act as absorbenfs for heavy metals which are severe poigons for crack-
ing catalysts and usually limit the end boiling point in cracker feeds
(31). Data in the literature show that these reactions can bevPer-

formed satisfactorily by the use of catalysts made of metallic
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sulfides from Group VIB and VIII of the Periodic Table, usually pro-
duced by the sulfiding of corresponding metal oxides deposited on a

refractory oxide (SiO Al.O. or SiO —A1203)(30).

2’ 273 2

Solvent Refined Coal has a high asphaltene content (32). In syn-
thetic crude hydrotreating, one of the main problems with catalystu
activity is the rapid initial deactivation due to the deposition of
carbonaceous materials (33). This is accompanied by the deposition of
mineral matter, which continues throughout the reaction. The relation-
ship between the structgfe of the syncrude and initial carbon depo-
sition is not clear.' It is believed to be due to large asphaltene
molecuies present in sync;ude. The averadge size of these molecules,
40 to 50 g, is in the range of the diameters of the micropores in con-
ventional alumina supported catalysts. This leads to plugging of
small pores which represent a.large fraction of the total catalyst
surface area. Optimization of the pore size distribution becomes
very significant. Similarly, the mineral content of SRC causes pros—
"lems. The analysis of SRC performed by Mobil 0Oil Cémpany show high
“iron (140 ppm), titanium (130 ppm), and sodium (100 ﬁpm) content.
Total mineral content can be as high as .25 wt %. This is a la;gé
amount of ash. For instance, a pilot plént processes 100 tons of SRCi
per day would have to handle up to 500 pounds/day ash. This could

have considerable effect on catalyst activity. The presence of large

molecules causes the additional problem of pore diffusion limitations.
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Furthermore, the three phases present lead to film diffusion limita~
tions in the reactor fluid stream (32,34).

Hydrotreating studies performed in microreactors using sméll
concentrations of model compounds such as benzothiophene, acridine,
pyridine, and quinoline have given some insight into the mechanism by
which sulfur and nitrogen are removed from feedstocks. In studies of'
the desulfurization of dibenzothiophene and methyl-substituted dibenz-
othiophenes; data show good fits with first ordgr kinetics with re=
sﬁect to the sulfur containing compound. The mechanism seemé to have
three steps: (a) Absorption of the reactant molecules on the catalyst
surface pfesumably as the sulfur atom interacts with an anion vacancy;
(b) h;drogen donation to the carbon afom contiguous to the sulfur with
breaking of the carbon-sulfur bonds (c) desorption of the sulfur by
addition of another pair of hydrogen atoms. Methyl éubstitution neaf
the sulfur atom in dibenzothiophene greatly reduce the réactivitf,
belie&ed to be cauéed by steric effects which restrict the intet-
action of the sulfur atom and the surface of the catalyst (35-42).

In studies involving denitrogenation of acridine,,dataIShow that
before the nitrogen atom is removed, large amouﬁts of ring hydroéen-
ation takes place. The breaking of the carbon-nitrogen bond has been
shown to‘be the rate determining step (41). This has also been shown

to be the case with single ring heterocyclics such as pyridine (42).
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‘Other hydrotreating studies yield data on the interactions of
metal sulfides and supports. For a series of tests using péirs of
metal sulfides (Co-Mo, Ni-Mo, Co-W, ﬁi—W) impregnatea on alﬁmina and
silica supports, maximum hydrogenation activity was obtained using a
ratio of Group VIII metal/Group VIB metal in the range of.;25 to.;33.
For the desulfurization of thiophene, which involves simulfanepus '
hydrogenating and hydrogenolysis activity of the metallic sulfides
coupled with the acid function of the support, the same metal ratios
provided maximum activity. However, the differences in desulfuriza~
tion activity is less pronounced for metals impregnated on alumina
than for those impregnated oﬁ silica; This means the acid;ty of
alumina is greater than that of silica. Different deposits of metal
on supports also affect the overall acidity of the catalyst. Silica-
alumina supports show even more acidity than do pure alumina supports;
.Nickel oxides deposited on silica alumina reduce the overall acidity
of thé catalyst. Nickel-tungsten deposits also reduce the overall
agi&ity, whereas molybdenum oxides increase the overall acidity.
Metallic sulfides improve the stability of the acid function of the 
catalyst by improving hydrogenation which eliminates certain unstable
compounds which by polymerization on acid sites could cause dbké.fof—
mation. By careful choice of combinations of metals and sdpports;

these catalyst types can lend themselves to varied hydrotreatment

processes_(30).
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Operational Considerations of Trickle Bed
Reactors ’

Tfickle bed reactors are fixed'bed reactors where the feed con-
sisfs of foth a gas and a liquid. The liquid flows down over the bed
of catalyst and the gas either flows concurrent or countercurrent to
the liquid. Cocurrent operations allows for better distribution of
the liquid over the catalyst and allows for higher liqﬁid flow rates
without flooding problems. Commercial trickle bed reactprs héve been
in operation for the last twenty-five years for hydrodesulfurization,
Ihydiocracking, and hydrotreating high boiling petroleum feeds. Reac- .
tion conditions allow hydrocarbon feeds to react as a vapor-liquid
mixture ét liquid hourly space velocities (LHSV -~ volume of liquid'
feed/ (volume of catalyst x hr)) in the range of .5 to 10. Direct and
capital costs of trickle bed reactors are claimed to be £wenty percent
lower than hydrotreating units that are operated completely in the
vapor phase. Also, high boiling feedstocks can be treated in trickle
bed reactors that would undergo too excessive cracking if treated
entirely in the vapor phase.

The principal alternative to the trickle bed reactér is the
fluidized bed reactor in which the catalyst is in motion, Fluidized
bed reactors have the advantages of easier temperature:qontrol, easy
heat recovery, adaptability to either batch or flow processing, easy -

catalyst removal and regeneration, and ability to operate at high
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catalyst effectiveness factors because of the use of finely powdered
catalyst. Disadvantages of a fluidized bed reactor include a residence
time distribution that approaches that of a continuous stirred tank
reactor (CSTR) which makes it difficult to obtain high conversion; the
high ratio of liquid to solid which allows homogeneous side reactions
to become important, and the high cost of catalyst removal gquipmént.

In a trickle bed reactor the catalyst bed is fixed, the flow
pattern.is closer to plug flow, and the liquid to catalfst ratio is.
much lower thus limiting sige reactions. If heat effects are sﬁbstan-
tial, they ca be controlled by recycle of the product liquids or by
varying the gas flow rates. Recycle, however, may not be feasible if
the product is unstable at reaction conditions or if high conversion
is desired, since high recycle rates make the system approach that of
a CSTR. When complete vapor phase operation is feasible, trickle bed
operation can save energy costs of feedstock vaporizgtioﬁ.,

Trickle bed reactors in the petroleum industry are operated over
a wide variety of conditions depending on the properties of the feed-
stock and £he nature of the reaction. Typically less reactive, higher
boiling, viscous féeds are operated at low liquid flow rates. Repre-
sentative superficial velocities are 10 to 100 ft/hr'fOp heavy gas
oils or residual fractions and 100 to 300 ft/hr for naphthas; calcu-
lated assuming the feed is all liquid. Hydrogen flow to liquid flow

is commonly expressed (at standard conditions) as the volume of
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hydrogen per barrel of feed. Representafive values are 2000 to 3000
scf/bbl for desulfurization of heavy gas oils, 5000 scf/bbl for desﬁl—:
fu;ization of resids, and 5000 to 10,000 scf/gbl for a hydrocracker. |
Mild hydrofinishing reactors may use considerably less hydrogen.
Representative operating condition for commercial reactors are a
~ pressure range of 500-2500 psig; temperature range from 345°C to
425°C, and catalyst particle sizes from 1/32 inch to 1/8 inch. Presenf_
day units are multiple bed systems three to six meters high and up to
two meters in diameter.' In multiple bed systems, hydrogen is injécted
between beds for temperature control. The quantity of hydrogen ﬁsed
. far exceeds stoichiometric proportioné and is usually determiﬁed bf
requirements bf temperature control, better liquid distribution, or to
extend catalyst lifé; Bed heiéht is determinedrby the need for cef-'
tain gas or liguid distribution or by the crush strength of the cata-
lyst. In both chemical and petroleum processing, reactors are de~
signed to run essentially édiabatically. of partiqulér interest to
this research is that bench scale reactors can be operated at the same
liquid hourly séace'velocities that are used commercially. The fact '
that conditions for commercial and bench scale studies pperate under
different ﬂydrodynamic flow conditions means contacting efficiénciés
might be somewhat diffefent. Most laboratory studies involviné highly
" exothermic reactions and low liquid flow rates may exhibit significént .

heat effects which can cause temperature instability and vaporization
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which may cause only partiai wetting of the catalyst. Apothef problem
encountered with syncrude processing is that the number of compounds
of varying reactivities present in coél liquias leads one to 5e fairly
arbitréry in interpreting kinetic data (43,44,45,46,47).

In its physical form the trickle bed reactor is hydrodynamically
similar to the absorption tower and much information on matters sﬁch
as flow patterns, pressure drop, holdup, and liquid distfibufion can
be obtained from studies directed towards absorbers. Absorption
occurs entirely between a gas and a liquid and the functionAof the
solid is to provide good contacting. In comparing packed bed absorbers
and trickle bed reactors several things should be kept:in mind.

1. Absorption towers are operated at higher gas and liguid

flow rates, ‘which approach flooding.

2. In order to achieve high flow rates absorption towers use
large packing materials such as Berl saddles, whereas
trickle bed catalysts are small extrusions, spheres, or
pellets.

3. In bench scale absorption towers a considerable portion of-
the absorption may occur in the liquid trickling aown the
wall. In a trickle bed reéctor the wall contributes nothing
to the reaction, but wall flow is a means of bypass channel-

ing.
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4, Gas flow is usually cocurrent for trickle bed reaction énd
countercurrent for absorbers.

5. Catalyst particles are usually highly porous whereas ab-
sorber packings are nénporous. Liquid held in catalyst
pores may be a major fraction of the holdﬁp which‘give very
different wetting characteristics for tricklelbed reactors.

At sufficiently low liquid and gas flow rates liquid‘trickles'over the
catalyst in rivulets and the gas flows continuously through the voids.
As gas and/or liquid rates are increased one encounters rippling,
slugging, or pulsing flow characteristic of commercial triékle.bed
reactors. At high liquid flow rates and low gas rates, the liquid
phase becomes continuous and the gas phase passes in the form of bub-
bles (43,44,48,49). |

One topic that is still under discussion is the effect of the

ratios of reactor diameter to catalyst particle diameter, Porter et
al. (50,51,52) reports that in bench scale trickle bed reactors,
liquid migrates to the wall and that the fraction flowing down the
wall increases to a steady state value at about one foot down the bed.
The steady state wall\fraction corresponds to as much as 30 to 60% of
total liquid at ratios of reactor diameter to particle diameter of as
high as 10, and drops at higher ratios. This thesis uséd a ratio
between 5.65 (1/8" catalyst particles) and 11.3 (1/16" catalyst par-

ticles).
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Also important is particle shape. Acres observed that cylindri-
cal catalys# particles tend to pack together end to end causing liguid
to channel through the bed and spherical catalyst particles tend to
channel liquid to the wall (53)..

In all heterqgeneous catalytic reactions, the understanding of
transport phenomena become important. To insure that data-obtaiﬁed
from trickle bed reactors is a true measure.of catalyst performance a

conscious effort to eliminate mass and heat transfer effedts is needed.

There are three domains in which concentration and temperature gradi-

ents éhould be minimized. These are intraparticle--within individual
catalyst particles; interphase--between the external surface of-the
catalyst particles and the fluids adjacent to them; and interéérticle
between local fluid regions (43,44,45,54,55).

For intraparticle effects the general solution is to test cata-
lysts at their highest value of effectiveness factor. Effectivenegs
factor is defined as the ratio of the actual rate pf reactiqn.to that
which would occurvif the temperature and concentration were constant
throughout the catalyst particle. Unfortunately, to calculéte the
effectiveness factor directly, a knowledge of the reactioﬁ kinetics
and intrinsic rate constants is required. This becoﬁes difficult with
a complex feedstock such as a synthetic crude. Some basic consider-
ations -are hélpful. Effgctiveness factors becomé inversély proporﬁ

tional to the characteristic dimension of the catalyst. Therefore,
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highest effectiveness factors are obtained by use of smaller particles;
Also important in pore diffusion is the viscosity of the feedstock,
making the use of a diluent advantageous. When the molecular sizé of
the reactant becomes significant with respect to pore sizet as is the~
case_with the asphaltene components of syncrudes, the concentration of
the reactant in the pores becomes less than that in the bu;k phase bf
' mere geometrical exclusion. Therefore, large pore dimensions become
important. 'If the reactant is present in both the 1iquid and vapor
phase, some unusual effects can develop if heat and/or mass transfer
limitations are significant. Even with a highly exothermic reaction,
it is unlikely that intraparticle temperature differences will exceed
more than a few degrees especially with a gas.as iﬁsoluble as ﬁydrogen.
However, if pores become filled with vapor, temperature -gradients oﬁ
hundreds of degrees are possible because of large increases in efféc-
tive diffusivities. These increases in effective diffusivities can
also cause marked increase in reaction rates. (43,44,45,54,55,56).

A major ‘conclusion about interphase transport was that mass
transfef through the liquid film around a catalyst particle will not
be significant‘unless the caﬁalyst particles themselves gre operating
at very low effectiveness factors. This results because the effective
diffusivity within a par;icle does not usually exceed a value of about
twenty percent of the diffusivity in the boundary layer or film adja-

cent to the pellet, and the film thickness is_usually substéntially
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less than the catalyst radius. If gas-liquid mass transfer is appre-
ciable as will éccur,at high reaction rates and high liquid.flpw
rates, a higher rate of reaction per unit quantity of catalysf'can'be

obtained by mixing inert material with the catalyst. These inert

‘zones allow enhanced opportunity for gas to dissolve in the liquid.

Dissolved hydrogen in the liquid in contact with the solid catalyst

also decreases carbon laydown. Dilution of the catalyst bed also_'

helps minimize hot spots in highly exothermic reactions-(43,46,54,55).
Iﬁterparticle transport effects, both radial and axial, are dif-

ficult to evaluate and control. One.common approach is to use a dif-

ferential reactor which operates at low conversions. The recycle

reactor provides a means of operating at finite low conversion. Flow

rates past the catalyst can be varied to eliminate interphase and
interparticle gradients. The well-stirred catalytic reactor (Berty
Reactor), in which pellets are suspended in wire cages offers still:
another alternative (57).

In this thesis work all catalysts were diluted 1:1 by volume with
inert material. Ketjen Catalyst Compaﬁy reports that in sﬁall single
pass trickle bed reactors that contain a thermowell tube, converéion
data correlate very well with scaled up reactors -if the catalyst is ’
diluted (58).

A very important factor in heterogeneous catalysis is the'temper—

ature at which the reactions are carried out. As the temperature of
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the reaction increases, thé rate controlling the overall rate of reac-
tion will pass from the surface chemical kinetic step to control‘by a
combination of the surface kinetic step and pore diffusion, aﬂd at -
higher temperatures to conprol by fi;m diffusion.. It is necessary to
operate at sufficiently low enough'temperatures:to be in the region.
controlled by pore diffusion and chemical kinetics in order to deter4‘
mine differences that can be attributed to the chemiéal énd phfsical
properties of the catalyst (44).

The pressure of operation can have significant effecfs on dif~
fusion rates and also reaction rates. All too often in 1aboratory'
experiments pressure is limited by the working pressure of availéble

equipment (44).

Research Objective

The objective of this research was to cataiytically upgrade Soi—
vent Refined Coal products to ciean distillate fuels. . Thié means to
decrease sulfur and nitrogen content of the feedstoék éhd to increase
the amount of product recovered in the ASTM D-86 distillation.

The research plan consisted of'testing commerciél hydrotreatiﬁg
catalysts in both batch autoclave tests and in trickle;bed tests.

FProm these data on commercial catalysts, new hydrotreating catalysts
were prepared and also tested for their hydrotreating ability. It was
hoped that this work would lead to -a greater insight for future caﬁa—

lyst development.




MATERIALS, EQUIPMENT AND PROCEDURES

Feedstock Analysis

A five gallon drum of solid Solvent Refined Coal (SRC) granules,
a five gallon drum of SRC Light 0il, and fifty-five gallon barrel of

SRC Vacuum Flash Feed were received from Pittsburg and Midway Coal

Mining Company's pilot plant operation in Fort Lewis, Washington. -

These SRC products were made from Kentucky #9 cqal from tﬁe
Colonial Mine. Analysis of the feed coal is listed in Table III.
Analyses of the SRC Light Oil, Recycle Solvent, and Filter Wash Solvent
are listed in Table IV. An analysis of 'solid SRC'granules is listed in
Table V. An analysis éf SRC Vacuum Flash'Feed is listed in TabieIQI

(59).

Catalyst Pretreatment

All catalysts testea were pretreated by sulfiding by the following
procedure. fhe catalyst.was supported in a 2~1/2 foot piéce of Inconel
pipe by use of l/4-inch Denstone (64) inert support ma£erial.' The
catalyst was tfeated with a 10% hydrogen—sﬁlfide in hydrogen mixture
for. twelve hoﬁrs. Temperature was maiptained at 340°C'i 10°C by use
of a powerstat on the eleétric pipe heater. Exit gases frqm.the sul~
fider were scrubbed'with water and 20% sodium hydroxidé-water'séiﬁtion'
before yentiné to the hood.

Extreme caution should be taken whenever using hydrogen sulfide

because it can cause collapse, coma and death within a few seconds
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Table III

SRC Feed Coal Analysis, January 1977 wt %

Kentucky #9 Coal

Carbon . 71.35%
Hydrogen 5.07%
Nitrogen ' 1.44%
Sulfur : 3.50%
O2 (diff) _ 7.55%
Ash 10.12%

Moisture 0.97%

Sulfur Forms (wt % on coal)

Pyritic Sulfur 1.63%

Sulfate Sulfur . 0.09%
Organic Sulfur 1.76%

Total 3.48%

Average Mineral Residue Analysis (wt %)

Carbon 27.61%

Hydrogen . 1.39%
Nitrogen . 0.54%
Sulfur . ’ 7.29%
Ash 63.17%
Pyridine Insol ' 96,98%

(59)
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Table IV

 SRC Process Solvent Analysis

Distillation Product <380°F 380-480°F 480~850°F
Light 0il 45% 47% 8%

' Filter Wash Solvent 24 ‘ 75 1
Recycle Solvent o 0] 11 89

ﬁlemental Analysis of Plant Solvents
Filter Recycle

Description Light 0il Wash Solvent Solvent
% Carbon | 82.25 - 83.17 87.81
% Herogen 9.62 8.82 7.66
% Nitrogen - : 0.45 0.67 0;66
% Sulfur 0.39 0.14 0.45
% Oxygen (diff) 7.29 7.20 3.42
% Dow therm .- 1.52

(59)
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Table V

SRC Analyses

SRC Granules

" sampled 6-13-75

'SRC Light Oil
Sampled 6-22-75

.% Carbon
Hydrogen
Nitrogen
Sulfur
Oxygeﬂ

g0 of g0 dP de

Ash

87.33

5.60
2.28

. 0.68

4.11
.33

Flash Pt 325°F

82.25
9.62
0.45
0.39
7.29

Distillation D-86

Bar = 744 wm Hg
1BP 210 F

5% 321
10% 332
20% 339
30% 342
40% 346
50% 348
60% . 354
70% 358
80% 363
20% 370
95% 377

End Pt 408

Recovery 98%

(59
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Table VI

SRC Vacuum Flash Feed as Received

Sampled 1-24-77

% Carbon 87.43

% Hydrogen 7.15

% Nitrogen 1.17 . reanalyzed perioaically as pér data
% Sulfur 0.72 tables

% Oxyden 3.72

% Ash .249%

ASTM D-86 Distillation @‘640 mmHg

IBP 408

5 ml 445 " 10.4
10 o 485 20.8
15 , 544 31.2
20 598  4l1.6
25 642 ‘ 52.0
30 684 62.4
33.5 * Final . 69,7

Wt % recovered 69.2 wt%

(59)
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after one or two inspirations. Hydrogen sulfide is extremely hazardous
because it fatigues the sense of smell in high concentrations, there-

fore giving no warning (60).

Batch Autoclave Tests

Batch autoclave tests were made in a Parr Series 4000 ﬁressure
reaction apparatus (615. The Parr autoclave and heater-rocker are
shown in Figure 2.

Initial hydrotreating studies (runs prior to #26B) were made with
a mixture of 75 grams of solid Solvent Refined Coal and 150 grams of
SRC Light 0Oil. Twenty-five milliliters of catalyst were also charged
to the Parr autoclave. The copper head gasket and autoclave head were
secured using a torque wrench. New copper head gaékets were tofqued
to 60 ft-lbs. Subsequent runs with the same head gasket were torqued
higher in 10 ft-1b increments until reaching 100 ft-1lbs, upon which a
new copper head gasket was installed. The pressure gauge.and-gauge
block were attached to the autoclave head. The autoclave was pres-—'
surized to 2500%50 psig with hydrogen gas using a Haskel gas booster
air-driven compressor (62). If no hydrogen 1ea#s were detected, thé
autoclave was secured in the heater-rocker (6l1). Silver Goop (63) was
used on all threaded autoclave connections to prevent bqlt seizure at
high temperature. The autoclave was heated to 415-420°C, which
usually took about fifty minutes. An iron constantan thermocouple,

placed in the base of the autoclave, connected to a single point
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FIGURE 2. Rocking Autoclave Assembly Details
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Honeywell recorder monitored the temperature of the reaction mixtﬁre.
Reaction temperature was controlled by manual adjustmeﬁt of a Power-
stat variable transformer. Pressures were recordea at fifteen minute
intervals during -each test. The residence ét run tgmperature was
either 30 min or one hour. Upon completion- of the run, the autoclave
was removed from the heater rocker and allowed to qool to room tgmbéra—
ture. (Note: autoclave should never be quenched in a liquid to speed -
cooling, as this could cause structural failure of the autoclave
body.) After the autoclave reached room temperature, the hydrogen
consumption (measured by the difference in cold loading pressure and
the final room temperature pressure) was recorded. The gases in the
autoclave were vented slowly in a hood -by opening of the neeale valve
in the autoclave gauge block. The autoclave head andlgauge block were
removed and the reaction products were filtered to remove catalyst and
decanted for analysis. For Runs #263—44B, 200 grams of SRC Vacuum
Flash Feed was substitutéd for the solid SRC and SRC Light 0il as

feedstock.

Continuous Trickle Bed Reactoxr

The continuous trickle bed reactor was designed and constructed
by the Chemical Engineering Department at Montana State University

(MSU). A schematic of the trickle bed reactor is shown in Figure 3.
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The reactor.consisted of a 1l-inch I.D. schedule-80 Inconel pipe
forty inches long. The top of the reactor was fitted wi£h 1/4~inch
stainless steel cross which allowed the fitting of a 36-inch. piece of
stainless steei tubing, which ;erved as a thérmowéli, and thé-fitting
of two feed ports, one for the syncrudé and one for the hydrogen. The. -
reactor was fitted into the bore of a 6-iﬁ§h 0.D. éluminuﬁ block which
was about. three feet long. IThe éluminum block’ was wxaﬁped with thfee
sets of nichrome wire heating coils encased in ceramic beads. Each
heating coil was connected to a Powerstat variable transvformer which
was manually operated for temperature control. Four iron-constantan

thermocouples were placed in the 1/4-inch stainless steel thermowell

. at eight inch intervals. The thermocouples were connected to a Leeds

and Northrup multipoint recorder. Thesg foqr thérmocouples allowed
the monito;ind.of fwo temperatures‘iﬁ the preheat section of the
reactor and two temperatures in the catalyst section of the bed.
The'reaqtor was loaded at.the top with 200 cc of 1/4" Dénstone
(64) inert support and followed by 25 cc of 1/8" benstone inért éup—'
port to serve as the preheat section. Sicty cc of catal?st diluted
with 60 cc of 1/8" inert support were loaded as the catalyst section.
More 1/8" Deﬁstone inert suppor£ material £illed the bétﬁom_section
of the reactor. A cone of stainless.steel screen, used as a plug-

suppprt,'was placed in the bottom of the reactor before the 1/4-inch

".I.D. reactor closure was threaded into the pipe.
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SRC Vacuum Flash.Feed was pumped into the top of the reactor by
use of a Milton Roy Model MR~1-49 Simplex packed piston pump eéuipped
with a 5/16-inch piston. The pump was equipped with a manualiy coﬂ—

trolled micrometer adjustment for feed rate control. The pump check

valves were encased in a steam jacket which was kept at 200°F. All

feed lines and feservoirs were wrapped with Cole-Parmer flexible
heating cords (65) to. prevent feed from freezing .up.

' Technical grade hydrogen was fed through a regulator, a microm-
eter valve, and a ball check valve to the top of the reactor. During
the last ten trickle bed reactor runs, a Brodks Thermal Mass Flowmeter
(66) was installed downs£ream from the micrometer valve to monitor
hydrogen flow rates. |

Gases and liquids were passed through the trickle bed reactor to
a gas-liquid high pressure separator. The gases passed through a con-
denser and through a Grove back pressure regulator. fhe Grove back
pressure regulator was equipped with a Teflon diaphragm which can
handle the corrosive gases. Exit gases were §crubbed with a 20% sodium
hydroxide water solution and vented. .The liquids passed from the gas-
liquid separator into a'éressurized catchpot. When liquid samples were
taken, the 1/8-inch ball valve between the separator and the catcﬁpot

was closed and pressure was released from the catchpot. The liguid

sample was then drained from the bottom of thé catchpot. The cétchpot
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was repressurized with nitrogen and the valve between the separator

and the catchpot was reopened putting the catchpot back on stream.

Continuous Trickle Bed Catalyst Tests

After the reactor was loaded, as previously discussed, it was
placed in the aluminum block. The catchpot system and the liquid and
hydrogen feed lines were attached and £herﬁocouples were placed\in the
thermowell. All pipe fittings were sealed usiﬁg Teflon tape and
Silver Goop. The system, excluding the pump, was preséurized and
checked for leaks. A wet test meter was attached to the gas exit and
the micrometer valve was calibrated.. In later runs when the Brooks
Thermal Mass Flowmeter was used, it was also calibrated using a wet
tést meter. If everything calibrated.satisfactorily, the reactor was
depressurized and the pump line reopened. The variable Powerstats
were turned on to initiate preheat which usually took eight hours.
After the reactor reached temperature, the SRC Vacuum Flash Feed, all
liquid feed lines, reservoirs, and the pulp jacket wefe preheated.

The feed reservoirs were filled and the pump was started to f£ill the
feedAlines before pressurizing the reactor. If the reactor was bres-
surized before the. liquid line was filled the pump would tend. to cavi-
tate. The liqguid rates were then set to desired value and temperature
adjustments were made. ' The liquid flow rates were measured by usiné a

stop watch and timing the flow from a graduate side arm attached to
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the main feed reservoir. Samples for all runs, unless specifically

noted, were taken as follows:

Sample 1 - 3 hours 90 ml/hr ~ unsteady state

'Sample 2~ 2 hours 90 ml/hr - LHSV = 1.5

Sample 3 2.5 hours . 60 ml/hr - unsteady state

3 hours = 60 ml/hr - LHSV = 1.0

Sample 4

Sample 5 -~ 1 hour 120 ml/hr - unsteady state’

Sample 6 1.5 hours 120 ml/hr - LHSV = 2.0

Saméles 2, 4, aﬁd 6 were decanted for analysis. The intermediate
samples were saved but not analyzed.

After the final sample was taken, the pump, hydrogen flow, and
heaters were shut off, and the reactor depressurized. The catchpot
system was removed and rinsed thoroughly with acetone, which cleaned
it sufficiently for the next run. The hydrogen inlet yélve at the fop
of the reactor was closed and all SRC Vacuum Flash Feed remaining in
the pump and reservoi¥‘was arainéd. The reservoirs were filled withl
30 W motor oil, which was pumped through the reactér while it Qas
still hot. This loosened catalyst particles and flushed the systém.of_
reactants. (Caution: the smoke from hot'motoi 0il is very hard to
tolerate and the room must be vented thoroughly during cleaning.):l.
After pumping the motor oil, the reactor was removed' from the éluminum-

block using asbestos gloves. This allowed the reactor to cool quicker,

facilitating easier cleaning.
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Analytical Procedures

The products from all runs were analyzed for nitrogén content,
sulfur content, and the extent of cracking.

Sulfur analyses were performed by the quartz tube method using a
- Bico-Brown Shell design sulfur apparatus (67,68;69). Feed sulfur:
which was analyzed periodically varied from .64 wt% to .72-wt% as
noted in the data tableé.

Nitrogen content was determined by Macro—Kjeldahl method (67,70,
- 71,72). Temperature of digestion was very important in obtaining good
reproducible results with XKjeldahl analysis. To insure hiéh enough .
digestion temperatures, the use of 0.5 gram product gamples and 40
grams of potassium sulfate were the only modification made to standard
Kjeldahl procedures in this thesis work. 'Nitrogen content of the
feedstock varied from 1.06 wt% to 1l.22 wt% as noted in the data
tables.

The amount of cracking was determined by ASTM D-86 atmospheric
distillation (73) which measures the cumulative amount of produc£_

which boils below 700°F.

Catalyst Preparation

Many catalysts were prepared in MSU laboratories. These cata-
lysts were prepared by impregnating commercial supports with various
combinations of chromium, molybdenum, nickel,.and tungsten oxides.

Supports were impregnated using water solutions of chromium nitrate(
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ammonium molybdate, nickel nitrate, and ammonium tungstate, resfec—
;ively. Metal oxides were impregnated one at a time and percentages
impregnated were determined gravimetrically. The general procedufe
for impregnation was as follows: |

1. Oven dry supports at 110°C for 8 hrs.

2. Calcine supporfs at 450°C for 8 hrs.

3. Record weight of support after cooling.

4, Impregnate support in tumbler with specific metal éolution,

5. Air dry in tumbler.

6. Oven dry impregnated support at 110°C for 8 hours.

7. Calcine impregnated support ét 450°C for 8 hours.

8. Record weight after calcination after cooling.

9. Calculate weight percent of metal oxide impreénated.
This procedure was repeated as needed to obtain the projected percent-

ages of metal oxides.’




RESULTS AND DISCUSSION

Foxrty-four bgtch autoclave tests were performéd testing twenty-
.three commercial catalysts and ten catalysts that were fabricated at
Montana State University. Thirty-nine trickle bed reactor tests were
performed‘testing seventeen commercial catalysts and eighteen cata-
1yéts that were fabricated at Montana State Univgrsity. The pfoducté
from tﬁese'runs were analyzed for sulfur content, nitrogen conteht,
and the amount of distillable liquids.

The data from these runs are presented in the appendices. Aépen~
dix ‘A contains all obtainable catalyst description data. Appendix B
contains the data from the batch autoclave tests. Appendix C contains
the dat; from the trickle bed reactor tests. Appendix D contains
statistical data of the metal loading study performed on catalysts
prepared at Montana State University. All catalysts fabriqafed at

Montana State University are designated by the prefix MSU.

Batch Autoclave Tésts

"Batch autoclave tests were performed on two different feédstocksL
The original feedstock was a 1:2 weight ratio mixture of solid SRé
granules and SRC Light Oil. Heteroatom removal data and finai dis=

"tillate yields for these runs (Run #4B through 25B) are listed in
Table VII. Compiéte run data are listed in Appendix B. The second
feedstock used for Runs #26B-#44B was SRC Vacuum Flash Feed, which is

a cut from the SRC I process sampled just downstream from the filters
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(Figure 1l). Heteroatom removal data and final distillate'yieids are~
tabulated in Table VIII. Complete run data are listed in Appendix B.
Figure 4 shows the difference in the ASTM distillations of these two
feedstocks. The SRC Light 0il solvent used in the original bagch ?uns
all boils below 425°F7 This led to difficulty in discexning crackiﬁg'
abilities éf various.éatalysts since the solvent accounts for.6§% of
the volume distilled. There were two major reasons for swi£ching té
SRC Vacuum Flash Feed for a feedstock; the first being thét the sWitéh
eliminated the neea to mix SRC with solvent and, secondly, SRC Vacuum
Flash Feed was a pourabie'liquid that when heated was a éuitable feed;
stock for trickle bed reactor tests.

Batch autoclave tests were designed to screen catalysts for
heteroatom removal ability, conversion of feed to distillate products,
and appropriate temperature of operation: By performing the batch
tests, many catalysts were testea in a short period of time. If a
catalyst showed little or no activity in a batch test, it was not
tested in the trickle bed reactor. No effort was made to predict any
trends in batch‘data.

Batch runs #1B-#3B were a preliminary.study.to find a suitable
solvent to dissolve solid SRC granules so a liquid feed could be pre-
pared for trickle bed reactor tests. Pyridine was deemed unsuitable

because of its high nitrogen content although it was a very good
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Table VII

Batch Autoclave Data Summary*
(of SRC/SRC Light 0il feed)

ASTM Dist.
Vol % at
Run # Catalyst Wt % DS** Wt % DR % 700°F
4B Girder T-368-C 2.0 13.0 74.0
5B Harshaw Co-Mo-040lT 1/8" 42.2 35.8 73.2
8B Harshaw Co~Mo-0401T 1/8"  44.0 - 45.4 74.1°
9B Harshaw Ni-4303E 1/12" 46.0 0.0 76.3
10B Harshaw Ni-4303E 1/12" 54.0 23.6 75.8
11B Harshaw HT-100E 1/12" 53.0 31.1 74.4
13B Harshaw Ni-4404E 1/10" 44.0 29.7 75.3
14B Harshaw CR-0304T 1/8" 0.0 19.0 75.6
158 Harshaw Mo-1201T 1/8" 10.0 1.0 74.9
168 Harshaw CR-0103T 1/8" 0.0 2.0 73.1
18B Harshaw Co-Mo-0603T 1/8" 0.0 36.0 78.0
198 Harshaw Ni-3250T 1/8" 0.0 12.0 76.6
20B Harshaw Ni-3210T 3/16" 0.0 8.0 73.8
21B, Harshaw W-0801T 1/8" 0.0 5.0 74.6
228 Harshaw CR-0105T 1/8" 0.0 0.0 76.7
23B Harshaw W-0101T 1/8" 0.0 21.0 73.4,
24B Harshaw HT-400E 1/16" 57.0 16.0 79.5
258 Harshaw V-0601T 1/8" 0.0 15.1 74,5

*Feedstock: SRC/SRC light oil 1:2 wt ratio: Feed Nitrogen = 1.06 wt$%,
Feed sulfur = .50 wtk. :

**Weight percent desulfurization
***Weight percent denitrogenation
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Table VIII

Batch Autoclave Data Summary Using SRC Vacuum Flash Feed*

ASTM Dist.
_ Vol % at
Run # Catalyst Wt % DS Wt % DN 700°F
26B Harshaw HT-400E 1/16" 34.8 25.4 68.4
27B Harshaw HT-500E 1/18" 32.2 16.9 64.5
28B Ketjen HC-5-1.5E 5.8 27.0 61.9
29B Ketjen 330-3E 37.3 12.3 66.2
30B Harshaw Co-Mo-0401T 1/8" 36.0 29.5 67.9
31B MSU-STK-6~E 1/16" 17.7 1.5 65.1
32B Shell 324E 1/16" 75.3 27.5 75.7
33B Shell 344E 1/16" 52.5 18.8 76.0
34B MSU STK-5-E 1/16" 44.1 20.2 73.7
358 Harshaw Ni-440lT 1/8" 35,7 20.4 65.9
36B MSU STK-8-2E 1/16" 47.7 21.5 77.1
378 MSU STK-10-E 1/16" 28.3  12.0 69.1
38B MSU STK-11-E 1/16" 8.9 12.0 69.5
39B Harshaw Ni-4303E 1/12" 42.1 19.4 66.1
40B MSU STK-14-E 1/16" 58.8 10.2 76.2
41B MSU STK-9-E 1/16" 8.7 14.9 64.6
42B MSU STK-12-E 1/16" 46.7 - 16.1 61.7
43B MSU STK-13-E 1/16" 21.0 21.7 66.2
44B MSU STK-8-1-E 1/16" 15.7 29.4 70.5

*Feedstock: SRC Vacuum Flash Feed:
Feed Sulfur = .0664 wt%.

Feed Nitrogen = 1,30 wt%;
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solvent. The decisioﬁ was made to use the native solveﬁt,‘i.e;, sﬁc
Light 0Oil.

. From_the batch tests performed on commercial cataiysts, it was
concluded that many metal combinations such as those containea in
Shell 324 (Ni-Mo), Harshaw HT-400 (Co-Mo), and also Harshaw Ni-4401
(Ni-W) gave respectable desulfurization and denitrogenation. JF;oﬁ
these data it was decided to make a series of nickel oxide—molygdenum
trioxide catalysts on Norton 6176 A1203 supﬁort. Added to sé&eral of
these catalysts was one additional promoter. These catélyéﬁs were
tested in the batch autoclave to see if any specific combination of.
metals would be particularly suitable for the hydrotreating of syn-
thetic crudes. These catalysts are iisted in Table IX. The data from
these tests are listed in the latter part of Table VIII, with compléte
run data in Appendix B. Data from these runs show that Ni-Co-Mo, Ni-
Co-W, and Ni-Mo-Zn combinations show good potential for syncrude
hydrotreating catalysts. From the data obtained in these catalysts,
it was decided to make a series of NiO, CoO, MoO3 catalysts on vgrioﬁs
commercial-support materials to see if there were any'grqss support
effects on syncrude hydrotreating. These catalysts are listed in
Table X. Each support was impregnated using the same concentrations
of metal solutions to determine the affinity of the supports for metal

oxides. These catalysts were not tested in the batch autoclave but

rather in the trickle bed reactor. Batch autoclave testing was
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Table IX

MSU Promoted Nickel-Molybdenum Catalysts

Catalyst Wt % NiO Wt % MoO3 Wt % Promoter

© MSU STK-10 2.6 18.9 1.7% Co, .9% Fe, 0,

MSU STK-8-2 1.4 : 8.5 11.2% WO,

MSU STK-11 1.2 11.0 3.7T €r,0.°

MSU STK-14 2.3 17.4 1.8% Cu0

MSU STK-9 0 21.0 2.0 2n0

MSU STK-12 2.7 17.8 1.7 2no

MSU STK-13 3.0 11.0 0.5 Fe'zo3

MSU STK-8-1 1.4 8.6 11.0 WO,

MSU STK-5 0.4 18.0 1.2 CoO

MSU STK-1 6.5 15.0 -0~

MSU STK-6 1.5 17.1 1.2 Coo

MSU STK-5-2-1 0.48 23.9 . 0.75 CoO

Support Norton 6176 1/16" Alumina Extrusions
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Table X
Ni-Co-Mo Catalysts
Catalyst Support % Moo3 % NiO %-céo
MSU STK-5-2-1 Norton 6176 23.9 .48 .75
MSU STK-5-2-2 Ketjen 003-1.5E 13.1 .26 1.15
MSU STK-5-2-3 Ketjen 000-3E 16.4 .5 1.1
MSU STK-5-2-5 Ketjen 005-2E 14.0 .5 .8
MSU STK-5-2-6 Ketjen 007-1.5E 15.5 .2 1.1
Support Properties .
S.A PV P.IOD.l
Support % Al'zo3 % SiO2 % NAZO m /g cc/g . A
Norton 6178 99.85 .12 .014 250 .9 152
Ketjen 003-1.5E bal. 1.33 .01 240 .7 117
Ketjen 006-1.5E bal. .37 .10 200 .73 146
Ketjen 005-2E bal. .55 .06 150 .64‘ L0171
. Ketjen 000-3E bal. 1.5 .13 230 .64 111

lAverage Pore Diameter = 40,000 x P.V./S.A. in A

o
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discontinued because more data was available from tHe trickle bed

reactor.

'Trick;e Bed Reactor Tests

Catalysts were tested in the trickle bed reactor to determine ﬁhe
-effects of LHSV, témperature, and the effects of specific chemical and
physical catalyst properties on the hydrotreating of SRC Vacuum Flééh.
Feed. Heteroatom £emoval data and final distillate:yields for all
trickle bed runs are lisfed in Table XIII. Complete trickle bed run
data are contained in Appendix C. |

Trickle bed reactor tests C-1 through C-17 were made. on the most
promising commercial tests from tﬁe batch autoclave tests. All trickle.
bed reactor tests were made at 1000 psig and 450°C except for the‘tém-
perature stﬁdy runs. Work reported by others uged higher pressure and
obtained good resultsr'bﬁt lOOO.psig was the limitihngorking pressure
of our equipment (74,75).

Early in the use of the trickle bed reactor,'tests were made to'
determine_what types of diffusion were affecting trickle bed réactor
tests. Runs C-4. and C-35 were made with the same catalyst (Harshaw HT-
400 Co=Mo) -with the only difference being the particle ;ize oﬁ fhel
cataiyst extrusion. As seen from the data in Table XIIi; dgni£ro-
genation was increased by as much as 15% and desulfurization by a;lA
muéh as 21% wﬁen the smaller extrusion was usedi This indicates that

pofe diffusion is very much present in our reactors. Work of Kujawa
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(76) showed that film diffusion was also present in tﬁe hydrotreéting
of‘COED Pyrolfsis 0il in an identical reactor as used for this thesis
work. Also important in hydrotreating was the hydrogen flow rate.
Work reported by Runnion (77) showed that a flow rate of 10,000 scf/bbl
seemed to be opéimum. This flow rate was used in all cataljst teéts‘
for this thesis wqu. From this preliminary work,'it was decidéd to" -
use, whenever bossible, i/l6—inch extrusions to help eliminate pofe
diffusion effects. Some problems arose.wheﬁ catalystlmanufactufers
weré unable to supply £he small'extrusion;.

After testing commercial'catalysts, the five Ni-Co-Mo caﬁalysts
listed in Téble X were tested in the trickle bed reactor to determiné
support effects. The heteroatom removal data and distillate.yields
for these five catalysts are listed in Table XIII, Ruﬁs c-18 throuéh
C-22. PFigure 5 shows the weight percent denitrogenation vs LHSV for
these five catalysts.” MSU STK-5-2-2-1.5E gave the best denitrogen-
ation with MSU STK-5-2-6-1.5E giving-the second best performance.
These catalysts were made on similar supports having 1.3-1.5% Si02:and
230-240 m2/gr surface area. MSU STK-5-2-1E 1/16" was made on Norton
6176 support whichris high'surface area alumina. The impregnation of‘

this support with MoO_ seemed to coat and cake up the outside surface

3
of the support. Possible reason for poor performance was that many of

the small pores were pluéged, which physically excludes large asphal-

tene molecules. MSU STK~5-2-3-3E and MSU STK-5-2-5-2E are larger
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extrusions which could increase rore diffusion in trickle bed reac-
tions. Figure 6 shows the weight percent desulfurization vs. LHSV for
these five catalysts. MSU STK-5-2-6~1.5E gave the best overall deéul—
furization for the group. Figure 7 shows the ASTM D-86 distiilation
for MSU STK-5-2~2-1.5E. At a space velocity of 1.0, 86 volume percent
of the products were récovered. Figure é shows the ASTM D-86 distil-
lation for MSU STK-5-2-6-1.5E. At a space_velocity of 1.0, 85 volume
percent of the products were recovered.

On the basié of this data it was decided to. further investigate
the Ni-Co-Mo metal combinations. Since nitrogen proved to be the
harder heferoatom to remove from syncrude, it was decided to prepare a-
series of Ni-Co-Mo catalysts on Ketjen-003-1.5E support which was £he
support used for MSU STK~5-2-2 catalyst. Eight catalysts were pre-
pared with target Valueé of 0.5 and 1.5 wt% NiO, 1.5 and 3.0 wt% CoO,
and 12 and 18 wt% MoO3. Thesg catalysts are listed in Table XI.

These catalysts were all tested at 450°C in the trickle bed reactor.
Heteroatom removal data and diétillate yvields are listed in Table
XIIT, runs C-30 through C-37. Complete run data are listealin Appen-—
dix C. The prime interest of this series of runs was to obtain enough
data so that a statistical analysis could be applied to determine the
effects of the various concentrations of metals. The daté obtained
from these runs is repeated in Table D-I of Appendix D; The data was

used in a 24 factorial design experiment (78). A design experiment
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Table XI

Catalyst Data
MSU Ni-Co-Mo Optimization

Catalyst % NiO . % CoO % MoO,

MSU - 1003 1.4 ' 3.0 18.0

MSU - 2003 1.4 1.4 19.1
MSU - 3003 .5 3.6 17.7

MSU - 4003 5 1.6 17.4

MSU - 5003 1.8 3.1 10.3

MSU - 6003 1.7 1.4 13.2

MSU - 7003 .5 3.0 11.6°

MSU - 8003 .5 1.8 11.7
Support Properties: Ketjen 003-1.5E: 98.66% Alzo 1.33% Si02,

.01% Na20

S.A. = 240 m2/g, P.V. = 7 cc/g, P.D. = 117A
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‘was carried 6ut'for the nitrogen removal data and also the‘sulfur , .'
removal déta. There were four factors to conside?: space velbcity,l ”
nickel axide concentration, cobalt oxide concentration, and molybdenuﬁ"
trioxide concentration. There weré tﬁo levels of each féctor;_ space
velocities of 1.0 and 2.0, and two concentrations of each metal o#idé.
The analysis of variance showed that increased spéce velocity was sta-
-tistically significaﬁt in reducing both nitroéen and sulfur remoﬁal.;sv

would be expected. The increased MoO_ concentration caused signifi-~

3

cant increase in nitrogen removal. The effect of increased Mbo3
concentration is shown graphically in Figure 9. About a 4% increase

in nitrogen removal was obtained with increased MoO doncentration.

3
The analysis of variance also showed that there.was an interaction

between NiO and MoO and also between CoO and Moo3, both of which:~

3
favored nitrogen removal. These interactions are shown graphically in -’
Figures 10 and 11. In bath céses the higher‘ﬁotal metal,loédings gave-
better nitrogen removal. The complete statistical analysis for both
sulfur and nitrogen data is presented in Tables D-II through D;VII of"
_Appeﬁdix-D. | |
Anothér series of five catalysts were prepared at MSU to deter-
mine interactions between nickel oxides, cobait_oxides, ana tqngstencf
trioxide. These catalyst descriptions are presented in Tab;é-XI;.'

Heteroatom removal data and distillate yields are listed in Table

XIII, Runs C-23 through C-27. These catalysts gave very good cracking
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